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ABSTRACT
Natural gas has a wide variety of uses and, as obtained from the reservoir, is either sweet or sour. Sweet
natural gas has little, if any, hydrogen sulfide (H2S) content, but sour gas contains contaminants, such as
hydrogen sulfide (H2S), carbon dioxide (C0 2 ), and others. In order to make use of this sour gas, it must be
sweetened using various gas-sweetening processes.
The main three types of available gas sweetening technologies are: chemical, physical, and hybrid solvents
processes for reducing H2S and C 0 2 contents. The chemical solvent processes, such as alkanolamines
(MEA, DEA, DGA, DIPA, and MDEA), have lower energy consumption, and lower maintenance cost
than physical solvent processes. The chemical solvent processes are good for gas-sweetening applications
in which, the natural gas contains heavy hydrocarbons, has a low H 2 S/C0 2 ratio, is a low- pressure (less
than 500 psig) system, and has low sulfur requirements.
The physical solvent processes such as: Selexol® (DEPG), Purisol (NMP), Rectisol® (methanol), and
FLUOR solvent (1,2-propylene carbonate) have higher corrosive potential, less foaming tendencies, and
more complex nature than chemical solvent processes. The physical solvent processes are good for natural
gases having high acid gas concentrations, and when there is a requirement to treat and dehydrate gas
simultaneously, with the best-known example being the Molecular Sieve Process.
Hybrid solvent processes, such as Sulfmol®-D, use a mixture of DIPA, water, and sulfolane (C 4 H 8 0 2 S),
and hybrid (or mixed) amine mixtures are mixtures of MDEA and DEA or MEA. Hybrid solvents enhance
H2S and C 0 2 removal efficiency; increase concentration and stability while retaining the capabilities of
DIPA (or MDEA), such as: low heat of reaction, and lower corrosion potential. Hybrid solvents have 5%
to 10% more operating cost, but generate negligible losses compared to other processes. Their capital cost
requirements are less than other processes for the same capacity, because smaller-sized equipment is
required due to (20% to 25%) lower foaming, lower energy consumption (15% to 18%), and much lower
circulation rates.
The selection of solvent is very important because the right solvent can lower the capital costs and the
operating costs by as much as 30% to 40%, and fuel cost by as much as 50%. The prime objective of gas
sweetening is to produce a specification-quality product as economically as possible. A detailed gas
sweetening process using DEA as the chemical solvent has been designed (Refer to Appendix -2.1) in
which, all the process conditions and parameters have been calculated and described for a sour gas plant
that is processing 10 MMSCFD of sour gas that contains 9.8% H 2 S and 1.7% C0 2 .

xii

1

Chapter 1
INTRODUCTION
Natural gas is used throughout the world for many purposes, such as heating homes, producing
electricity, and generating heat for a wide variety of industries. Natural gas obtained from a reservoir is
classified as "sweet" or "sour." Optimally, sweet natural gas contains no hydrogen sulfide (H2S) but
may contain trace quantities of H2S. If the H2S concentration exceeds 5.7 mg of H2S per cubic meter of
natural gas, the natural gas is considered to be sour. Due to the geological conditions where some
natural gas deposits are located, the gas may contain various contaminants in addition to H 2 S, carbon
dioxide (C0 2 ), carbon monoxide (CO), carbonyl sulfide (COS), carbon disulfide (CS2), and mercaptans
(acid gases). The processes for removing H2S from sour gas are known as gas-sweetening processes,
and these industry "best practices" must meet stringent environmental regulations.
The competitive nature of the oil and gas industry has driven research and development departments to
provide a variety of gas-sweetening processes, which makes the selection of an appropriate process
somewhat complex. A feasibility study must be conducted to select the best process for a particular
application or plant.

Generally, commercially-available gas-sweetening processes are of two types: throwaway regenerable
adsorbent type processes, and regenerable solvent type processes. This Master's project will focus only
on the regenerable solvent type processes, which can be subdivided into three types: chemical solvent
processes, physical solvent processes, and hybrid solvent processes.

The chemical solvent processes use various alkanolamines as solvents, such as:

•

Monoethanolamine (MEA),

•

Diethanolamine (DEA),

•

Diglycolamine (DGA),

•

Diisopropanolamine (DIPA), and

•

Methyldiethanolamine (MDEA)
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The physical solvent processes include the Rectisol process, the Selexol process, the Iron Sponge
process, the Molecular Sieve process, the LO-CAT® process, the use of Purisol solvent, and the use of
FLUOR solvent. The chemical solvent processes are preferred over the physical solvent processes,
because of lower capital and operating cost requirements, better removal efficiencies, lower energy
requirements, and the fact that the solvents can be regenerated. Hybrid solvent processes, such as the
Sulfinol®-D process, use a mixture of physical-chemical solvents, and the benefits of hybrid processes
are their low energy consumption, high capacity, excellent stability, and increased amine concentrations.
Another example of hybrid solvents is chemical-chemical solvents, such as methyldiethanolaminemonoethanolamine (MDEA-MEA) and methyldiethanolamine-diethanolamine (MDEA - DEA), which
are mixed amines.
The gas-sweetening process is considered to be complex, because it includes chemical reactions, which
may cause corrosion, and physical changes, such as the presence of residual hydrocarbons in the
regenerated solvent. All solvents and combinations of solvents should be capable of meeting the
required specifications leaving not more than 8-10 ppmw of H2S and 2-3% concentration of CO2 in the
sweetened gas.
Computer-aided process simulation tools, such as: HYSYS, TSWEET, and ProMax are available for
evaluating various processes, including feasibility studies, alternative designs, design optimization, and
associated costs. These process-licensed tools are very helpful in determining the best design
configuration and operating conditions with a minimum of time, effort, and cost.
The objectives of this Master's project are:
•

to perform a review of different types of physical, chemical, and hybrid/mixed solvent
processes, and

•

to conduct a technical and economic comparison of these gas-sweetening processes.
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Chapter 2
Chemical Solvent Processes
2.1

Alkanolamines

Alkanolamines are the preferential solvents used by oil refineries and natural gas plants, to sweeten gas
streams such as: refinery fuel gas, and untreated natural gas. The different types of alkanolamines used
in refinery gas sweetening are: monoalkanolamine (MEA), diethanolamine (DEA), diglycolamine
(DGA), diisopropanolamine (DIPA), and methyldiethanolamine (MDEA). The relative concentrations
of these alkanolamines are listed in Table 2.1.
Table 2.1.1: Amine molar concentration1
Wt%

Solution
sp. gr.

®60 °F
MEA
DEA
DGA
MDEA

15
35
60
50

1.008
1.004
1.062
1.048

MW,
Mol. Fr.
kg/kmol Amine
Lb/lbmol
61.08
0.047
0.084
105.14
0.204
105.14
119.17
0.131

kg/m3

kmol/m3

151.2
366.0
652.0
524.0

2.48
3.48
6.20
4.40

lb mol
lb amine amine
US gal 100 US gal
Solution Solution
1.26
2.06
3.50
2.90
5.43
5.16
4.37
3.67

lMaddox,R(1998)
The prefixes "mono," "di" and "tri" refer to the degree of radical substitution on amino nitrogen.
Maddox et al. (1998) suggested that the OH functional group causes the compounds to be "olamines"
rather than alkyl amines, and the nitrogen group is known as the "amino" nitrogen. Hydroxyl group
decreases the vapour pressure and increases the water solubility, while the amino group provides the
necessary alkalinity in water solutions for the reaction to take place.
In the same study, Kriebel et al. (1998) suggested that the ethanolamines are chemically stable, clear,
and colorless liquids with a pungent odor. All the alkanolamines are chemically stable materials, and
can be heated to their boiling point without decomposition. However, the exception is triethanolamine;
it is chemically reactive and decomposes below its normal boiling point of 680 °F.

4

The sweetening process of fuel gas (and/or natural gas) streams can use different types of amines.
However, different amines must possess the required absorption action that is essential for the
sweetening process. There are three classes of amines: primary, secondary, and tertiary, which are
determined by the number of organic groups bonded to the central nitrogen atom.

Kriebel et al. (1998) claimed that primary amines are stronger bases than secondary amines, while the
secondary amines are stronger than the tertiary amines. Amines with strong base properties will react
more readily with CO2 and H2S than those with weaker base properties, and will form stronger bonds.

2.2 Structures of Alkanolamines
As mentioned earlier, alkanolamines are classified by the degree of substitution on the central nitrogen. A
single substitution denotes a primary amine, a double substitution denotes a secondary amine, and a triple
substitution denotes a tertiary amine. Maddox et al. (1998) further discussed that each of the alkanolamines
has at least one hydroxyl group and one amino group. The hydroxyl group reduces the vapor pressure and
water solubility of the alkanolamines. The amine group provides the necessary alkalinity in water solutions
to promote the reaction with acid gases. The primary and secondary amines (which are the non-fully
substituted alkanolamines) have hydrogen atoms at the on-substituted valence sites on the central Nitrogen
atom, whereas, the tertiary amines are fully substituted on the central nitrogen atom.

PRIMARY AMINES

Diglycolamine agent (DGA)

Monoethanolamine (MEA)
C2H4OH-NH2

HOC2H4OC2H4 - NH 2
H

HO—C
H

C
H

N<

HO—C:

H

H

UU I

H

H

H
—C
H

N
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SECONDARY AMINES
Diethanolamine (DEA)

Diisopropanolamine (DIPA)
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TERTIARY AMINES
Triethanolamine (TEA)
C2H4OH-N-C2H4OH
I
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H
HO
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H
H

H
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H
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Methyldiethanolamine (MDEA)
C2H4OH - NCH 3 - C2H4OH
H

H

H

H

1

H

H

H

H O — C - —C

Figure 2.2.1: Structures of Primary, Secondary and Tertiary amines (Maddox R, 1998)
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Amine Processes
2.3 Monoethanolamine (MEA) Process
Monoethanolamine (MEA), which is formed by the reaction of ethylene oxide and ammonia, is a clear,
viscous organic liquid with a mild ammonia-like odor. Polasek et al. (1984) suggested that MEA is a
chemical intermediate used to purify refinery fuel gas and natural gas. MEA being primary amine is
highly corrosive. Due to corrosion problems, the acid gas loading of MEA is limited to 0.30 to 0.35
moles of acid gas per mole of amine for carbon steel equipment. The heat of reaction for MEA is about
825 Btu/lb with C0 2 , and the heat of reaction for MEA with H2S is 550 Btu/lb.
2.3.1

MEA Process Description

The process flow diagram for the MEA process is shown in Figure 2.3.1. Kohl et al. (1985) suggested
that MEA is used to remove both H2S and C0 2 . The MEA is introduced as a 10-20 wt% solution in
water. The MEA solution enters the contactor from the top, contacts the sour gas in counter-current
flow, and reacts with the H2S and C0 2 in the sour gas.

rnricB I

V

Acid Gas

Sweet Gas

ArrinevdEf vapor to still
Arrine reclamer
j ftrr

*
Sour G a s .

X+

Reclaim

Water make up

Figure 2.3.1: Process Flow Diagram for the MEA Process (modified) (Maddox R, 1998)
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Maddox et al. (1998) suggested the following reactions take place in the MEA process:

2(C2H5NH2) + H2S o

(C2H5NH3)2S

(2.3a)

(C2H5NH3)2S + H2S <=> 2(C2H5NCH3)HS

(2.3b)

2(C2H5NH2) + C 0 2 o

(2.3c)

C2H5NHCOONH3C2H5

Kohl et al. (1985) further discussed that the rich amine solution (concentration > 20 wt%) exits from the
bottom of the contactor and flows to the regeneration system. The sweet gas exits from the top of the
contactor. In the regeneration unit, the rich amine solution is heated to 241 °F, and then cooled to 90 °F.
MEA is a stable compound, and in the absence of other chemicals, does not decompose at its boiling
point. A reclaimer is required to remove the contaminants in the MEA process. At 10-20 wt%, MEA is
added in water, and the solution loading is between 0.3-0.4 moles of acid gas removed per mole of
MEA. Table 2.3.1, shows the process variables for MEA process. To avoid excessive corrosion, both the
solution strength and the solution loading are limited.

Maddox et al. (1998) highlighted some of factors for MEA process. These are listed as follows:
o

corrosion commonly occurs on the areas of carbon steel, such as heat-affected zones near welds,
areas of high acid-gas concentrations, and at a hot gas-liquid interface,

o

at higher concentrations of H 2 S, the concentration of amine and allowable loading can be higher
because of the reactants relative to C0 2 . This happens because of the reaction of H2S and Fe to form
Fe 2 S 3 , which basically forms a protective barrier on the steel surface.

Capital cost for 10 MMSCFD unit: $25-26 million. Cost of MEA solution is $3.25 per kg [1] (Numbers
refers to website in reference section).
Process Variables
Table 2.3.1: Process Variables - MEA process1
VARIABLES

ABSORBER

REGENERATOR

Pressure

215 psigto 315 psig

10 psig to 15 psig

Temperature

110-160 °F

225-250 °F

Concentration

10-20 wt% solution in water

Solution weight (%)

20

8
Relative Capacity (%)

100

Reboiler Temperature

240 °F

Circulation (gal/mol AG)

100-165

Loading (mol AG / mol Amine)

0.35

H2S / C0 2 Selectivity

1

AG (mol/mol)

0.3-0.4

lMaddox,R(1998)
Advantages of MEA Process
The advantages of MEA process are (Maddox, 1998):
•

process is thermally stable,

•

cost of MEA is $3.25 per kg, which is lower than rest of the amine solvents, and

•

has high reactivity due to its primary amine character, a 3.5 ppm H2S and 100 ppm of CO2 can
be obtained.

Disadvantages of MEA process
The disadvantages of MEA process are (Maddox, 1998):
•

corrosive solvent,

•

nonselective and removes both H2S and CO2 equally,

•

amine losses of 0.45 lb of amine/MMSCF of gas, which are higher than other amines,

•

formation of irreversible degradation products with CO2, carbonyl sulfide (COS) and carbon
disulfide(CS2), which requires continuous reclaiming. The MEA-CO2 degradation reaction
produces the following:
•

N-(2-hydroxyethyl)ethylenediamine—HOCH2CH2N(CH2COONa)CH2CH2N
(CH2COONa)2,
I

•

oxazolidone — 2

NH

O

O, and higher polyamines, which

accelerate

corrosion in addition to losses of MEA, and
•

MEA systems often pick up foam due to the presence of foreign materials such as: condensed
hydrocarbons, degradation products such as: carbon or iron sulfide, corrosion inhibitor, valve
grease, etc. These foreign materials can be removed by using cartridge filters.
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2.4

Diethanolamine (DEA) Process

Diethanolamine (DEA) is a colorless liquid above its melting point of 82 °F. Below that temperature, it
is a white solid that is completely soluble in water. Kohl et al. (1985) claimed that due to corrosion
problems, the acid gas loading for DEA is limited to 0.30 to 0.35 moles of acid gas per mole of amine
for carbon steel equipment. Polasek et al. (1984); claimed that the heat of reaction for diethanolamine
(DEA) with C0 2 is 653 Btu/lb and the heat of reaction of DEA with H2S is 511 Btu/lb.
2.4.1.

DEA Process Description

The process flow diagram for the DEA process is shown in Figure 2.4.1. Kohl et al. (1985) suggested
that DEA is a secondary amine and a weaker base than MEA; therefore, the use of DEA usually results
in less corrosion problems than the use of MEA. In addition, the DEA process requires a lesser amount
of heat for regeneration than the MEA process per mole of acid gas removed and; no reclaimer is
required. DEA is less corrosive than MEA, its solution strength is 35 wt%, compared to MEA 20 wt%.

Acid Gas
Sweet gas
4

Figure 2.4.1: Process Flow Diagram for the Diethanolamine (DEA) Process (modified) [4]
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Maddox et al. (1998) suggested the following reactions take place for the DEA process:
2(C2H5)2NH + H2S o

((C2H5)2NH2)2S

(2.4a)

((C2H5 )2NH2)2S + H2S » 2(C2H5 )2NH2SH

(2.4b)

2(C2H5 )2NH + C0 2 o (C2H5 )2NCOONH2(C2H5 )2

(2.4c)

Kohl et al. (1985) also suggested that the loading for the DEA process is 0.65 mole of acid gas per mole
of DEA, which is higher than the acid gas loading of MEA, which is 0.4 mole of acid gas loading per
mole of MEA. DEA losses are as low as 0.25-0.5 lb/MMSCF, considerably less than the MEA losses,
because the vapor pressure of DEA is approximately 3.3% of the vapor pressure of MEA. The DEA
system requires two or more theoretical stages for effective treatment.
Kohl et al. (1985) further discussed that the stoichiometry of the reactions of DEA with both C0 2 and
H2S is the same as that of MEA, but their different molecular weights change their consumption
requirements. For the same concentration of acid gas, approximately 1.7 lb DEA/lb acid gas is required,
compared to only 1.0 lb MEA/lb acid gas. DEA requires two mixer-settler stages for sweetening a liquid
hydrocarbon stream, whereas, MEA requires one mixer-settler stage. Table 2.4.1, shows the process
variables for DEA process.
Capital cost for 10 MMSCFD unit: $22-23 million. Cost of DEA solution is $3.25 per kg [1]
Process Variables
Table 2.4.1: Process variables- DEA Process1
VARIABLES

ABSORBER

REGENERATOR

Pressure

215 psigto 315 psig

10 psig

Temperature

Ambient

225-250 °F

Concentration

20 wt% to 35 wt% solution in water

Relative Capacity (%)

58

Reboiler Temperature

245 °F

Circulation (gal/mol AG)

60-125

Loading (mol AG/mol Amine)

0.5

H2S/C02 Selectivity

1

AG (mol/mol)

0.5-0.6

1 Maddox, R (1998)
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Advantages of DEA Process
The advantages of DEA process are (Kohl, 1997):
•

less corrosive than MEA,

•

nonselective, removes both H2S and CO2,

•

resistance to degradation from carbonyl sulfide, and carbon disulfide,

•

lower solvent losses (0.25 lb amine/MMSCF) than MEA (0.45 lb amine/MMSCF), and

•

cost of DEA is $3.25 per kg, same as that of MEA but, lower than other solutions.

Disadvantages of DEA Process
The disadvantages of DEA process are (Kohl, 1997):
•

lower reactivity than MEA and DGA agent, and

•

non-reclaimable by conventional reclaiming techniques.

2.5 Diglycolamine (DGA) Process
Diglycolamine solution (DGA) is a clear, viscous liquid at room temperature and a white crystalline
solid below its freezing point of 9.5 °F. Polasek et al. (1984) suggested that DGA is hygroscopic in
nature and has high boiling point (430 °F), low vapour pressure (<0.01 mm of Hg at 68 °F) and aqueous
solution with pH greater than 7. Commercial applications of DGA solutions have proven that their use
results in significant savings over other gas sweetening processes when the A.G content is >1 mole%.
The heat of reaction for DGA with C 0 2 is 850 Btu/lb, and with H2S is 674 Btu/lb.
2.5.1 DGA Process Description
The process flow diagram for the DGA process is shown in Figure 2.5.1. The Fluor Econamine® process
uses diglycolamine (DGA) solution of 50-70 wt% DGA in water, which typically circulates from top to
bottom, and the reaction of DGA solution with acid gas is the same as other processes was discussed by
Kohl et al. (1997). The following reactions take place for the DGA process [15]:
2 HO-CH2-CH2-0-CH2-CH2-NH2 + C 0 2 <=> (HO-CH2-CH2-0-CH2-CH2-NH)2CO + H 2 0

(2.5a)

N, N' bis (hydroxyethoxy-ethyl) urea (BHEEU)
2 HO-CH2-CH2-0-CH2-CH2-NH2 + CS 2 <=> (HO-CH2-CH2-0-CH2-CH2-NH)2CS + H 2 0
N, N ' bis (hydroxyethoxy-ethyl) thiourea
These BHEEU and thiourea are the major chemical degradation products in a DGA solution.

(2.5b)
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Figure 2.5.1: Process Flow Diagram for the Diglycolamine (DGA) Process (modified) [5]
Kohl et al. (1997) claimed that DGA has a lower vapor pressure than other amines, which results in a
10-15% decrease in solvent evaporation losses. The acid gas loading depends on the amount of gas to be
treated, the CO2/H2S ratio, the materials of construction, and the concentration of the DGA solution.
Typically, gross acid gas loadings of 0.35 to 0.425 mole acid gas/mole DGA are used.

Kohl et al. (1997) also suggested that regeneration is conducted in the reclaimer at elevated
temperatures. Typically, the reclaimer is sized to handle a circulating solution that consists of a
minimum of 0.5% acid gas. Regeneration is affected by the ratio of CO2/H2S and the acid gas loading is
1.0 to 1.2 moles of water vapor per mole of total acid gas must be present in the regenerator. The DGA
process was developed specifically to replace MEA in low-pressure applications to minimize
vaporization losses. Mercaptans are not removed by alkanolamines, but are removed by the DGA
process. It is less corrosive than MEA. Table 2.5.1, shows the process variables for DGA Process.

Capital cost for 10 MMSCFD unit: $ 23-24 million. Cost of DGA solution is $3.75 per kg [1]
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Process Variables
Table 2.5.1: Process variables - DGA process 1 ' 2
VARIABLES

ABSORBER

REGENERATOR

Pressure

800 psig to 900 psig

8-15 psig

Temperature

90 -220 °F

250-280°F

Concentration

50-70 wt% solution in water

Solution weight (%)

60

Relative Capacity (%)

58

Reboiler Temperature

260 °F

Circulation (gal/mol AG)

60-130

Loading (mol AG / mol Amine)

0.3

H2S / C0 2 Selectivity

1

Acid Gas (mol/mol)

0.3-0.4

lMaddox,R(1998)
2 www.fischer-tropsch.org (2008)
Advantages of DGA Process
The advantages of DGA process are (Kohl, 1997):
•

amine solvent losses are 0.25 lb of amine/MMSCF of gas, same as DEA but, lower than other
amine solvents,

•

higher solution strength of 50-70 wt% reduces the circulation rates and heat requirements,

•

removes carbonyl sulfide, carbon disulfide and mercaptan,

•

the freezing point for 50 wt % DGA solution is -30 °F lower than the freezing point of 15 wt%
MEA and 25 wt% DEA, which is between 25 °F to 21 °F, and

•

the process is thermally stable.

Disadvantages of DGA Process
The disadvantages of DGA process are (Kohl, 1997):
•

nonselective removal in mixed acid gas systems,

•

absorbs aromatics from inlet gas, and complicates the sulfur recovery unit design, and

•

cost of DGA is $3.75 per kg, which is higher than MEA and DEA solutions.
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2.6

Diisopropanolamine (DIPA) Process

DIPA is used commercially in Shell's patented Sulfinol process. Kohl et al. (1997) suggested that
Diisopropanolamine (DIPA) is a secondary amine with two ethanol groups or two isopropanol groups
attached to the nitrogen atom e.g., CH3-CHOH-CH2-NH-CH2-CHOH-CH3. The DIPA process uses a
water solution of DIPA, which is non-corrosive and requires less heat for rich amine regeneration.
2.6.1

DIPA Process description

The DIPA solution is used to treat natural gas containing H2S and CO2 In the DIPA process, natural gas
containing H2S enters the contactor from the bottom, lean DIPA solution enters from the top, and the
reaction between them occurs during countercurrent flow was discussed by Kohl et al. (1997). The
process flow diagram for the DIPA process is shown in Figure 2.6.1.
H :2 S to sulphur
recovery
Treated g a s

jjc;

JL

\f=~=*f

'

C'OOl t l l g

{

)
r
Water to sour
water strippei

Heat
exchanger
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•m

1

.steam
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"S .J*,

A TH P
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heater

Figure 2.6.1: Process Flow Diagram for the Diisopropanolamine (DIPA) Process (modified) [5]
The following reaction takes place for the DIPA process [21]:
H2S + C6Hi502N «• HS"1 + CH3CH(OH)CH2NH2+1 CH2CH(OH)CH3

(2.6a)

C0 2 + DIPA => DIPACOO+1H + DIPA «• DIPACOO"1 + DIPAH+1

(2.6b)

Kohl et al. (1997) then discussed that the treated gas exits at the top of the contactor, and the rich DIPA
solution (27-54 wt%) exits from the bottom and is pumped to the regeneration plant, where the H2S is
removed by heating the solution. The DIPA solution is 30-40 wt% solution in water, and the H2S
concentration in the lean DIPA is typically about 80 ppmw [23]. DIPA is used exclusively in refinery
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operations to remove H2S and carbonyl sulfide, and also used with additives in both the DIPA process,
and the Sulfinol process. Maddox et al. (1998) concluded that the presence of an additional -OH group
in DIPA draws more free electrons from the nitrogen atom, which makes DIPA a weaker base than other
alkanolamines. DIPA is well suited for treating gas steams that have less stringent product
specifications. Table 2.6.1, shows the process variables for DIPA process.
Capital cost for 10 MMSCFD unit: $21-22 million. Cost of DIPA solution is $4.10 per kg [1].
Process Variables
Table 2.6.1: Process variables - DIPA process 1 ' 2
VARIABLES

ABSORBER

REGENERATOR

Pressure

200-255 psig

10 psig

100 °Ftol50 °F

Temperature
Concentration

30-40 wt% solution in water

Solution weight (%)

35

Relative Capacity (%)

46

Reboiler Temperature

255 °F

Loading (mol AG / mol Amine)

0.7

H2S / C0 2 Selectivity

2

Acid Gas (mol/mol)

0.3-0.4

250-275 °F

1 Maddox, R (1998)
2 www.fischer-tropsch.org (2008)
Advantages of DIPA Process
The advantages of DIPA process are (Kohl, 1997):
•

the system requires less heat input by 10% than MEA and DEA,

•

the vaporization heat duty is lowered by 15% than other amines, and

Disadvantages of DIPA Process
The disadvantages of DIPA process are (Kohl, 1997):
•

higher co-absorption of heavy hydrocarbons, and

•

in a side reaction of DIPA and CO2, a reclaimer is required to remove the oxazolidones.

R

~t^J

° ^ NH
o

(formula/structure of oxazolidones)
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2.7

Methyl Diethanol Amine (MDEA) Process

MDEA (methyldiethanolamine) is a tertiary amine, widely popular and belongs to the phenethylamine
family. Maddox et al. (1998) suggested that MDEA can be used as a non-selective solvent to remove
both H2S and CO2, or it can be used as a selective solvent that preferentially removes H2S over
C02.When selective treatment is used, H2S is preferentially removed from the sour gas stream, and most
of the accompanying CO2 is left for later recovery. An MDEA concentration of 50 wt% is normally
used, and the process can result in a sweet gas with an H2S concentration as low as 4 ppm, depending on
the degree of regeneration. The acceptability and popularity of MDEA is due to its operating conditions
of low pressure (10 psig) and a temperature of 242 °F, which improves its selectivity and results in
higher ratios of C0 2 to H2S. Maddox et al. (1998) claimed that the selectivity of MDEA is affected by
the following:
1. Temperature - lower-temperature processing improves selectivity,
2. Pressure - lower pressures improve selectivity, and
3. CO2/H2S Ratio - higher ratios favor selectivity.
2.7.1

MDEA Process Description

The process flow diagram for the MDEA process is shown in Figure 2.7.1.
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Wash back pump
Regen.
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/
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Condensate
Rich amine

4
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Figure 2.7.1: Process Flow Diagram for the Methyl Diethanolamine (MDEA) Process (modified) [7]
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Maddox et al. (1998) further discussed that the sour gas enters the plant through an accumulator to
remove any free liquid or entrained solids. The sour gas exits from the top of the amine contactor and
enters the absorber; where it reacts with an aqueous, lean amine solution that enters the top of the
absorber and flows counter-currently to the sour gas. Sweet gas leaves from the top of the absorber and
flows to the dehydration unit. Lean amine flows downward, countercurrent to the sour gas, which
absorbs CO2 to become a rich solution. The rich solvent from the bottom of the absorber is flashed in a
separator to recover some of the absorbed hydrocarbon in the rich solvent, and it then goes to the
stripper, where the absorbed acid gas is stripped from the solution at a temperature (240-245 °F), and a
pressure (8-12 psig). The acid gas leaves from the top of the stripper column and the lean amine from
the bottom of the reboiler and goes to the absorber as a lean MDEA solution. The following chemical
reactions take place for the MDEA process [21]:
RN + H2S «=> RN-H+1 + HCCV1
RN + H2S + C 0 2 ^
RN + C 0 2 o

RN—H+1 + HCO/ 1

R2N+1 — C— 0 = O
I

(2.7a)
(2.7b)
(2.7c)

RN + —C— 0 = 0 + H 2 0 <» RNH+1 + HCO3"1
I

(2.7d)

RN+1 — C — 0 = 0 + O H - «
I

(2.7e)

RN + HCO3"1

Over all Reaction:
RNCH 3 + H2S o RNHCH3 • HS

(2.7f)

RNCH 3 + C 0 2 + H 2 0 <=> RNHCH3 • HCO3

(2.7g)

Where R = MDEA

C^OH-N-Cs^OH
I
CH3

In the same study, Kohl et al. (1997) concluded that the amine-amine heat exchanger serves as a heat
conservation device. A part of the absorbed acid gas is flashed from the heated rich solution on the top
tray of the stripper. The remaining rich solution flows counter-currently downward through the stripper
column, and reacts with the vapor, generated in the reboiler. The overhead products from the stripper
pass through a condenser and returned to the top of the stripper as reflux; the acid gas is separated in a
separator and sent to the flare. A residence time of 1.5-3 sec. is the optimum time for MDEA solvent.
Table 2.7.1, shows the process variables for MDEA process.
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Capital cost for 10 MMSCFD unit: $24-25 million. Cost of MDEA solution is $4.75 per kg [1]
Process Variables
Table 2.7.1: Process variables - MDEA process1'2
VARIABLES

ABSORBER

REGENERATOR

Pressure

800psigtol400psig

7-10 psig

Temperature

80°Ftol75°F

242 °F - 300 °F

Concentration

20-50 wt% solution in water

Relative Capacity (%)

51

Reboiler Temperature

250 °F

Circulation (gal/mol AG)

65-110

Loading (mol AG / mol Amine)

0.4

H2S / C0 2 Selectivity

3

Acid Gas (mol/mol)

0.3-0.45

lMaddox,R(1998)
2 Private communication (2008)
Advantages of MDEA solvents
The advantages of MDEA process are (Arnold, 1989):
•

environment friendly and biodegradable,

•

lesser corrosive in nature than other amines,

•

removes more CO2 than other amine solutions,

•

selectivity of H2S over CO2 in mixed acid gas applications, and

•

amine losses are 0.15 lb of amine/MMSCF of gas, lower than all the amines.

Disadvantages of MDEA solvents
The disadvantages of MDEA process are (Kohl, 1997):

•

non-reclaimable by conventional reclaiming techniques,

•

removal of carbonyl sulfide and carbon disulfide is minimal, and

•

cost of MDEA is $4.75 per kg, which is costlier than all the other amine solvents.
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2.8

Hot Potassium Carbonate (K2C03) Process

Potassium carbonate (K2CO3) is a white, odorless, inexpensive and hygroscopic solid available
commercially as a 47 wt% solution. Arnold et al. (1989) suggested that K2CO3 is soluble in water and
insoluble in alcohol and most organic solvents. Solutions of K2CO3 are extremely corrosive. The hot
potassium carbonate (K2CO3) process is referred to as a "hot" process, because the absorber and the
regenerator usually operate at a temperatures range of 230-240 °F.
2.8.1

Hot K2CO3 Process Description

The process flow diagram for the hot K 2 C0 3 process is shown in Figure 2.8.1. Arnold et al. (1989)
claimed that the process uses a hot K2CO3 solution to remove H2S and CO2 from sour gases. In order for
the hot K2CO3 process to remove H2S, there must be sufficient C 0 2 present in the feed gas. The sour
gas enters the bottom of the absorber and flows counter-currently to the K 2 C0 3 solution. The sweet gas
exits from the top of the absorber, which typically operates at 230 °F.
Arnold et al. (1989) suggested the following reactions take place for the K2CO3 process:
2KHC0 3

(2.8a)

KHS + KHCO3

(2.8b)

K2CO3 + C 0 2 + H 2 0 »
K2CO3 + H2S o

Re flu JC D r u m

Figure 2.8.1: Process Flow Diagram for the Hot K2CO3 Process (modified) (Arnold K, 1989)
Arnold et al. (1989) further suggested that the acid-rich K2CO3 solution exits from the bottom of the
absorber and goes to the flash drum, where much of the acid gas is removed. The acid-rich solution is
regenerated in the regeneration unit with the application of heat; the lean solution is pumped back to the
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absorber. The high temperature increases the solubility of potassium bicarbonate (KHCO3), but the
reaction with C0 2 produces two moles of KHCO3 per mole of K 2 C0 3 reacted, and for this reason, the
KHCO3 in the rich stream limits the concentration of the K2CO3 solution to the range of 20-35 wt%. The
hot K 2 C0 3 process operates at 230 °F to increase the solubility of K2CO3 and avoid dead spots in the
system, which can result in problems such as: plugging, erosion, or foaming. Table 2.8.1, shows the
process variables for the hot K2CO3 process.
Capital cost for 10 MMSCFD unit: $23-24 million. Cost of K 2 C0 3 solution is $1.95 per kg [1]
Process Variables
Table 2.8.1: Process variables - Hot K2CO3 process1,2'
VARIABLES

ABSORBER

REGENERATOR

Pressure

1000 psig to 2000 psig

Atmospheric

Temperature

230 °F to 240 °F

230 °F to 240 °F

Solution Chemical

Hot K 2 C0 3 solution

1 Arnold, K (1989)
2 Private communication (2008)
Advantages of Hot K2CO3 Process
The advantages of hot K 2 C0 3 process are (Kohl, 1997):
•

degradation of the solvent is minimal,

•

potassium carbonate is an inexpensive chemical,

•

heat requirement is lowered by almost 15% to 18% than other amines, and

•

process has a continuous circulating system, and uses an inexpensive chemical.

Disadvantages of Hot K2CO3 Process
The disadvantages of hot K 2 C0 3 process are (Kohl, 1997):
•

potassium carbonate solutions are extremely corrosive,

•

potassium carbonate causes general stress corrosion of the units,

•

tendency to foam and solid suspension is higher than amine solutions,

•

the solvent reacts with some corrosion inhibitors and causes erosion of the unit, and

•

the regenerated solution leaving the stripper is at its saturated temperature, and partially
vaporizes in the pump suction, resulting in vibrations and damaging the pump.

GIAMMARCO-VETROCOKE (GV) Process

Figure 2.9: Process Flow Diagram for Giammarco-Vetrocoke (GV) Process [46]
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The process flow diagram for the GV process system is shown in Figure 2.9.The GV process uses a two-pressure level regeneration to

2.9.1 Process Description -GV Process

stripping. These features result in better C0 2 absorption, and lower energy requirements for the regeneration of solution [59].

important features of the 2-stage GV process are: (1) Absorption by lean and semi lean solutions, and (2) High pressure and low-pressure

carbonate solutions [46]. The Giammarco-Vetrcoke (GV) solution has 30% Potassium Carbonate, 1% DEA and 1% Glycine [59]. The

This process is a product of an Italian firm, Vetrocoke-azotati. GV processes use a catalyst to increase the rate of absorption of CO2 in alkali

2.9

K>
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In this GV process, the processed gas containing CO2 is admitted at the bottom of GV absorber, which
reacts counter-currently with the lean GV solution, enters at the top of the absorber; absorbs CO2 from
the process gas while flowing down through the packed beds. C0 2 comes out from the top of the
absorber, and is collected for further processing. Semi-lean GV solution enters at the second bed of the
absorber [20]. The rich solution comes out from the bottom and goes to the regeneration system. The
following reactions take place for the GV process [20]:
6C0 2 + 2K3As03 + 3H20 => 6KHCO3 + As 2 0 3
CO + K2CO3 +H 2 0 => 2KHC03
K 2 C0 3 + H2S <=> KHS + KHCO3

(2.9a)
(2.9b)
(2.9c)

In the regeneration system, around 20% of the dissolved C0 2 is separated out by flashing where as, the
first part of the GV solution is pumped to the low pressure regenerator for regeneration [8]. The
remaining part of the GV solution is sent from the high-pressure regenerator to the low-pressure
regenerator, and is boiled in the reboiler [20]. Table 2.9.1, shows the process variables for GV process.
Capital cost for 10 MMSCFD unit: $30-31 million. Cost of GV solution is $3.5 per kg [1].
Process Variables
Table 2.9.1: Process variables - Giammarco-Vetrocoke (GV) process1'2
VARIABLES

ABSORBER

Pressure

lOOOpsigtollOOpsig

HP: 13 -22 psig/LP: 1.42 -7.0 psig

Temperature

230°Fto302°F

212°Fto338°F

Concentration

30% Potassium Carbonate, 1% DEA and 1% Glycine

Solution Capacity mg H2S/1 Sol. (gr /gal)

10(600)

REGENERATOR

1 www.fischer-tropsch.org (2008)
2 www.energymanagertraining.com/IFFCOAonlaI.pdf (2008)
Advantages of GV Process
The advantages of GV process are [20]:
•

process has high efficiency of around 94% to 98%,

•

cost is $ 3.5 per kg, same as that of MEA, but lower than other amine solvents, and

•

requires a steam flow of 9-11 metric tons/hour, which is lower than amine processes.

Disadvantages of GV process
The disadvantages of GV process are [20]:
•

requires high capital cost of around $10-13 million,

•

tendency to foam, and requires anti foaming agent (Foam controller), and

•

solutions are corrosive, require corrosion inhibitor like V2O5 - concentration of 0.5 wt%.
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Chapter 3
Physical Solvent Process
3.1

Iron Sponge Process

The iron sponge process is one of the oldest dry processes to remove hydrogen sulfide (H2S) from sour
natural gas. Arnold et al. (1989) suggested that it to be a batch process that contains standard-sized
boxes installed in parallel units and filled with media, which consists of wood particles coated with iron
oxide. Even though it has been in use for many years, the iron sponge process is still being used in the
industry because of its reliability and lower operating and capital cost requirements [12]. This process
uses hydrated ferric oxide.
3.1.1

Iron Sponge Process Description

The process flow scheme for the Iron Sponge process is shown in Figure 3.1.1. Maddox et al. (1998)
suggested that in this process, sour gas reacts with hydrated ferric oxide to form ferric sulfide. The ferric
sulfide is oxidized to ferric oxide and sulfur by exposure to air or oxygen.
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Figure 3.1.1: Process Flow Diagram for the Iron Sponge Process Unit (modified) (Arnold K, 1989)
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Maddox et al. (1998) suggested the following reactions take place for the Iron Sponge process:

2Fe203 + 6H2S => 2Fe2S3 + 6H20

(3.1a)

2Fe2S3 + 30 2 => 2Fe203 + 6S

(3.1b)

Combining the above equations:
6H2S + 30 2 => 6H20 +6S

(3.1c)

This oxidation results in loss of activity of the absorbent and excessive pressure drop through the bed.
The sour gas flows through the bed and the wood chips of different grades react with ferric oxide at low
operating pressure. Maddox et al. (1998) recommended that in order to get the desired results and
prevent the media from combusting, the media must be kept very moist, and a pH of 8 to 10 must be
maintained, even when the unit is taken out of service. In the same study, Michael et al. (2004)
investigated the pore size distribution of iron sponge as shown in Figure 3.1.2. Table 3.1.1, shows the
process variables for Iron Sponge process.
Capital cost for 10 MMSCFD unit: $0.24-0.35 million. Cost of wooden chips impregnated with
hydrated ferric oxide is $ 650-3800 p.a. [1].
Process Variables
Table 3.1.1: Process variables - Iron Sponge process1'2
VARIABLES

ABSORBER

REGENERATOR

Pressure

50 psig to 500 psig

20 psig to 30 psig

Temperature

65 °F to 120 °F

392 °F - 572 °F

Mass of bed

800 kg each

Life of each bed

18-315 days

Reacting media

Wooden chips impregnated with hydrated ferric oxide

1 www.fischer-tropsch.org (2008)
2 Private communication (2008)
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Figure 3.1.2: Pore Size distribution of Typical Iron Sponge Process (Michael Z, 2004)

Advantages of Iron Sponge Process

The advantages of Iron Sponge process are (Koren, 2002):
•

removes only H2S and not CO2,

•

requires relatively small capital ( $ 0.24-0.35 million),

•

effective at any operating pressures (50 psig to 500 psig), and

•

removes mercaptans, or converts them to disulfides.

Disadvantages of Iron Sponge Process

The disadvantages of Iron Sponge process are (Maddox, 1998):
•

has flammability of the wood substrate,

•

frequent change-out of sponge bed influences operations continuity,

•

forms hydrates at high pressure and temperature in the hydrate-forming range, and

•

batch process requires duplicate installation, or flow interruption of processed gas.

>400

26

3.2 Molecular Sieve Process
The Molecular Sieve process is used to remove H2S and was not initially designed to treat wet sour gas.
Maddox et al. (1998) suggested that as a result of the latest developments in the Molecular Sieve
process, it is now capable of treating wet sour gas as well. This latest development was to introduce a
multi-bed sieve, in which, a dehydration bed was added to remove the moisture from the gas, whereas
the second bed removes the heavy hydrocarbon(s), or any other impurities that must be removed.
3.2.1

Molecular Sieve Process Description

The Molecular Sieve process is used to remove H2S and is capable of treating wet sour gas. The process
flow diagram for the Molecular Sieve process is shown in Figure 3.2.1. Maddox et al. (1998) suggested
that in this process, the sour gas enters tower 1 from the top, and flows down through the Molecular
Sieve bed, where the acid gases are removed. Then, the sweet gas exits from the bottom of tower 1, and
flows to tower 2, which also contains a molecular sieve bed in which, cooling and regeneration occurs.
The heat present in the regeneration gas increases the bed temperature, and the sweetened gas cools the
bed in tower 2. The gas impurities in the dry bed are removed by the crystalline solids, which have
same-size pores that are known as active sites. The large surface area of the molecular sieves contains
highly-localized, polar charges.
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Figure 3.2.1: Process Flow Diagram for the Molecular Sieve Process (modified) (Maddox R, 1998)
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Maddox et al. (1998) further concluded that the Molecular Sieve process sweetens and dehydrates the
natural fuel gas. The regeneration of molecular sieve beds normally takes place in the range of 300 to
400 °F, and no chemical degradation of the sieves occurs. To remove H2S, a molecular sieve with a pore
size of 5 °A is selected, and for the removal of mercaptans, a pore size of 13X is selected in order to
minimize catalytic reactions. This selection is done to minimize the catalytic reaction [22]. The
following reaction takes place for the Molecular Sieve process [22]:
(3.2)

H2S + C0 2 <=> COS + H 2 0
Olefins, aromatics, and glycols, which are strongly absorbed, can poison the molecular sieves.

Maddox et al. (1998) claimed that Molecular sieves are described as: synthetic zeolites, sodium
faujacites, and aluminosilicates, and the pore sizes of molecular sieves vary from 3-10 °A as shown in
Table 3.2.1. Tennyson et al. (1997) suggested that the chemical composition is represented by the
empirical formula: M2/nO.Al203.ySi02.wH20. Figure 3.2.2 shows, what takes place in a molecular sieve
multicomponent absorption in fixed beds. Table 3.2.2, shows the process variables for Molecular Sieve
process.
Capital requirement for 10 MMSCFD unit: $ 6-7.5 million. Cost of different sieve material is in
the range of $ 9.10- $ 15.75 per kg [1].
Table 3.2.1: Description of different Molecular Sieves1
3A

Potassium variation of sodium aluminosilicate, water removal,

4A

Sodium aluminosilicate, removal of water, C0 2 , incident H2S removal,

5A

Calcium variation of sodium aluminosilicate, water, H2S, light mercaptans, and

13X Sodium aluminosilicate with X crystal structure, water and mercaptan removal.
1 Maddox, R (1998)
Process Variables
Table 3.2.2: Process variables - Molecular Sieve process1
VARIABLES

ABSORBER

REGENERATOR

Pressure

200psigto 1200 psig

1 psig

Temperature

Ambient (60 °F-120 °F)

250 °F to 550 °F

Bed life

24 to 30 hours

Acid gas ratio(mole C0 2 : mole H2S)

30 to 1050

1 Private communication (2008)
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Figure 3.2.2: Absorption Zone in Molecular Sieve Bed - Molecular Sieve Process (William E, 2002)

Advantages of Molecular Sieve Process
The advantages of the Molecular Sieve process are [22]:
process is stable,
requires less manpower,
increased adsorption capacity,
consistent excellent product quality, and
has thermal / mechanical stress resistance.

Disadvantages of Molecular Sieve Process
The disadvantages of the Molecular Sieve process are [22]:
•

generates waste,

•

corrodes very fast,

•

good for the gases having small amount of H2S content, and

•

molecular sieves process obtain a very low water dew point catalyzing the formation of
carbonyl sulfide, if both H2S and CO2 are present.
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3.3 The FLUOR Solvent Process
The FLUOR solvent process was developed by Fluor Daniel, Inc., and has been in use since 1960.
Freireich et al. (1997) suggested that the FLUOR process is uses 1, 2 propylene carbonate (C4H503) to
remove H2S and CO2 from sour natural fuel gas. The solvent 1, 2 propylene carbonate is polar,
anhydrous, non-corrosive, non-toxic, biodegradable, and readily available.
3.3.1

FLUOR Solvent Process Description

The process flow diagram for the FLUOR solvent process is shown in Figure 3.3.1. Mak et al. (2003)
suggested that in this process, 1, 2 propylene carbonate (C4H5O3) is used as a solvent, which is better
than other solvents for treating sour gases that have low concentrations of H2S and high concentrations
of CO2. In FLUOR solvent process, no chemical reaction takes place and acid gas removal depends on
physical absorption. The process design of the FLUOR process contains an intermediate absorber to
remove H2S and CO2. The intermediate absorber reduces the volume of gas to be recompressed,
thereby, reducing product losses and operating costs.

Treated Gas -4

Feed gas
Water

Circulation Pump

Figure 3.3.1: Process flow diagram for the FLUOR solvent process (modified) [11]
Dwyer et al. (1989) claimed that another approach for reducing the absorption of hydrocarbons is to
chill the feed stream. Chilling to 0 °F condenses hydrocarbons, such as C5 or greater hydrocarbons,
which reduces the absorption content of hydrocarbons to <0.5 mol%, and increases the acid gas holding
capacity.
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In the same study, Kriebel et al. (1989) informed that the solvent 1, 2 propylene carbonate (C4H6O3)
reacts with water and CO2 at 194 °F, which makes it unsuitable for water control by atmospheric
distillation. The rich solvent exits from the bottom of the absorber and goes to the high-pressure flash
vessel, where it is flashed. The stripper uses a flash gas at medium pressure (125 psia) in the vacuum
stripper as a stripping medium to further remove the H2S and CO2 content.
Mak et al. (2007) recommended that glycol is injected into the absorber to control hydrate formation
during the feed chilling process and in order to reduce hydrocarbon losses, the flashed gases are
compressed and recycled. Table 3.3.1, shows the process variables for the FLUOR solvent process.
Capital cost for 10 MMSCFD unit: $27-28 million. Cost of FLUOR solvent is $5.75 per kg [1].
Process Variables
Table 3.3.1: Process variables - FLUOR solvent process1'2
VARIABLES

ABSORBER

REGENERATOR

Pressure

850psigto 1000 psig

115 psig to 140 psig

Temperature

149 °F

0 °F to 350 °F

Solvent

1, 2 Propylene carbonate

Total Circulation rate (gpm)

6000 - 6500

1 Ebenezer, S (2005)
2 www.fischer-tropsch.org (2008)
Advantages of FLUOR solvent process
The advantages of FLUOR solvent process are (Ebenezer, 2005):
•

high C0 2 solubility,

•

requires no water make-up in the process,

•

requires no fired duty for solvent regeneration, and

•

the freezing point of FLUOR solvent is -57 °F, thus requires minimal winterization.

Disadvantages of FLUOR solvent process
The disadvantages of FLUOR solvent process are (Ebenezer, 2005):
•

requires high solvent circulation (6000 gpm to 6500 gpm),

•

the FLOUR solvent is very expensive (5.15 per kg), and

•

has higher solvent circulation rate (by 8-10%) than amine processes.
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3.4 Selexol Process
The Selexol® process was developed by Union Carbide, and further developed by several chemical
companies, including DOW chemicals and UOP. Koren et al. (2002) suggested that the Selexol®
process uses a solvent, dimethyl ether of polyethylene glycol [CH30(C2H40)nCH3], where n is between
the range of 2 and 9, to physically absorb H2S, CO2, and mercaptans from sour gas streams. Dimethyl
ether of polyethylene glycol (DEPG) has a high physical adsorption capacity for H2S, CO2, carbonyl
sulfide, and mercaptans.
3.4.1

Selexol® Process Description

The flow diagram for the Selexol® process is shown in Figure 3.4.1. Koren et al. (2002) suggested that
in this process, the solvent dimethyl ether of polyethylene glycol (DEPG) reduces the packing or tray
requirement at low temperature (50-200 °F). DEPG requires no water wash to recover the solvent. The
dehydrated sour gas is introduced at the bottom of the absorber and flows counter-currently to the lean
DEPG solvent, which is introduced at the top of the absorber. The DEPG solvent is injected into the
absorber at two locations, i.e., above the top tray and above the middle tray.

Feed Gas

Figure 3.4.1: Process flow diagram for the Selexol® Process (modified) [12]
Koren et al. (2002) informed that in Selexol® process, no chemical reaction takes place, and acid gas
removal depends on physical absorption. To minimize hydrocarbon losses, the vapor stream is recycled
to the absorber, whereas the rich solvent goes to the intermediate pressure separator, where CO2 is
released. The solution is finally flashed in a low-pressure flash vessel, where the remaining dissolved

32
CO2 is released. After removing the CO2, the resultant semi-lean solvent is pumped to the intermediate
point in the absorber and the stripper column to remove the last traces of acid gas. Upon reaction, sweet
gas is produced, which normally contains < 2.5% CO2 per 100 SCF. Table 3.4.1, shows the process
variables for the Selexol® Process.
Capital cost for 10 MMSCFD unit: $31-32 million. Cost of DEPG solution is $5.50 per kg [1].
Process Variables
Table 3.4.1: Process variables- Selexol® process1'2
VARIABLES

ABSORBER

REGENERATOR

Pressure

500 psig 1000 psig

16 psig

Temperature

50 °F to 200 °F

85 °F

Solvent

Dimethyl ether of polyethylene glycol (DEPG)

Circulation rate (gpm)

13000 to 16000

Weight % lean solvent

98

Selexol® solvent has a selectivity ratio of H2S to C 0 2

17:3

1 www.maecourses.ucsd.edu (2008)
2 Private communication (2008)
Advantages of Selexol Process
The advantages of Selexol® process are (Koren, 2002):
•

separation can be carried out at close ambient temperature,

•

solvent (DEPG) can be regenerated, and requires no reboiler,

•

solvent (DEPG) has high affinity for water thus, dries the sweet gas, and

•

heavy hydrocarbons are strongly absorbed by DEPG, and acid gas removal is most efficient in
natural gases with low concentrations of heavier hydrocarbons.

Disadvantages of Selexol® Process
The disadvantages of Selexol® process are (Koren, 2002):
•

efficient at high operating pressure only,

•

higher solvent circulation rate increases the operating costs,

•

high affinity for hydrocarbon leads to high hydrocarbon losses, and

•

circulation rate needs to be reduced for increased gas solubility, as it influences the process.
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3.5 Rectisol Process
The Rectisol® process was developed by "Lurgi and Linde A.G Company." Kohl et al. (1997) suggested
that the Rectisol® process uses chilled methanol at temperatures of -40 to -80°F. This process purifies
synthesis gas down to 0 to 1 ppm of total sulfur. The preference of CH3OH in this process is due to its
high solubilities of H2S and C0 2 in CH3OH at low temperatures and high pressures.
3.5.1

Rectisol® Process Description

The process flow diagram for the Rectisol® process is shown in Fig. 3.5.1. Koren et al. (2002) claimed
that the main application of the Rectisol® process is the purification of synthesis gases derived from the
gasification of heavy oil and coal, rather than natural gas treating applications.
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Figure 3.5.1: Process flow diagram for the Rectisol® Process (modified) [12]

Koren et al. (2002) informed that in Rectisol® process, no chemical reaction takes place and acid gas
removal depends on physical absorption. The solvent used is methanol, which has a high vapor pressure
at standard conditions. The feed gas enters the absorber at the bottom and flows counter-currently to the
lean solvent, which enters at the top of the absorber.
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The rich solvent exits from the bottom of the absorber and is pumped to the regeneration plant, where
H2S is removed. The solvent methanol has high selectivity for H2S over CO2 and also removes carbonyl
sulfide (COS) as well. The process operates below 32 °F. Table 3.5.1, shows the process variables for
the Rectisol® process.
Capital cost for 10 MMSCFD unit:$ 29-30 million. Cost of CH3OH is $ 0.55/kg (P = 792 kg/m3) [1].
Process Variables
Table 3.5.1: Process variables- Rectisol® process1'2
VARIABLES

ABSORBER

REGENERATOR

Pressure

300 psig to 2000 psig

40 psig to 55 psig

Temperature

-100°Fto0°F

50°Ftol20°F

Concentration

Methanol (- 40 °F to - 80 °F)

Circulation Rate (gpm)

4500-5000

Weight % Lean Solvent

97.1

1 Dwyer, D (1989)
2 www.fischer-tropsch.org (2008)
Advantages of Rectisol® Process
The advantages of Rectisol® process are (Koren, 2002):
•

non-corrosive,

•

no degradation problems,

•

high chemical and thermal stability,

•

solvent-methanol can easily be regenerated and does not require re-boiler,

•

methanol does not foam and is miscible with water thus, reduces losses by 5-7%, and

•

material of construction for vessels, and associated piping in Rectisol® plant is 95% carbon steel
and 5% stainless steel.

Disadvantages of Rectisol® Process
The disadvantages of Rectisol® process are (Koren, 2002):
•

requires refrigerant to chill the solvent methanol,

•

low concentration of CO2 is difficult to obtain from this process, and

•

methanol causes high vaporization losses due to high vapor pressure.

35

3.6 Purisol Process
The Purisol process uses N-methyl -2pyrrolidone (NMP) and is licensed by Lurgi AG, Germany.
Kriebel et al. (1989) suggested that the Purisol process uses NMP to remove CO2 and H2S from sour
natural gas. The solvent NMP cannot be used for gas dehydration if a water wash is used, and NMP
recovery with water is not necessary if the Purisol process is operated at sub-ambient temperatures.
3.6.1

Purisol Process Description

The process flow diagram for the Purisol process is shown in Figure 3.6.1. Kriebel et al. (1989)
suggested that in this process, the natural fuel gas is introduced at the bottom of the absorber and flows
counter-currently to the lean NMP solution, which enters at the top of the absorber. The rich solvent
from the bottom is pumped to the regeneration plant.
Pure Gas

Fuel Gas

Hydrogen Sulfide
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Figure 3.6.1: Process flow diagram for the Purisol Process (modified) (Maddox R, 1998)
The following chemical reaction takes place for the Purisol process:

o-

Al203

hbS

N-methyl - 2pyrrolidone (lactams)

r-feO
^

N-methyl - 2- thiopyrrolidone (thiolactams)

(3-fi)
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Kriebel et al. (1989) informed that the rich solvent is first flashed in the flashing vessel and then, after
the separation of acid gases and hydrocarbons, the solvent passes through the reboiler, where by the
application of heat regeneration takes place. The lean solvent leaves the reboiler and is pumped back to
the absorber to react with the feed gas again. The Purisol process is well-suited for the purification of
synthesis gas having pressure (> 1500 psi) and high CO2 content because of the selectivity for hydrogen
sulfide (H2S). Table 3.6.1 shows the process variables for Purisol process.
Capital cost for 10 MMSCFD unit: $26-27 million. Cost of NMP solution is $4.30 per kg [1].
Process Variables
Table 3.6.1: Process variables - Purisol process1'2
VARIABLES

ABSORBER

REGENERATOR

Pressure

290 psi - 1000 psig

5-70 bar

Temperature

80-105 °F

60-400 °F

Solvent

N-methyl - 2pyrrolidone (NMP)

Solvent Loading (SCF AG/gallon of solvent

10.4(Solvent removal), 4.5(complete removal)

Acid gas (Vol. %)

<2.0

Circulation Rate (gpm)

15000-18000

Weight % Lean Solvent

95.5

lDwyer,D(1989)
2 www.fischer-tropsch.org (2008)
Advantages of Purisol Process
The advantages of Purisol process are (Kriebel, 1989):
•

high chemical and thermal stability,

•

suitable for selective desulfurization,

•

requires no re-boiler, as the solvent can easily be regenerated, and

•

solvent - NMP, has high boiling point, low vapour pressure, and low viscosity.

Disadvantages of Purisol Process
The disadvantages of Purisol process are (Kriebel, 1989):
•

a high operating cost, as the cost of NMP is $4.30 per kg, and

•

chilled methanol uses metallic trace components such as mercury, to form amalgams at low
temperature.
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3.7 LO-CAT® Process
The LO-CAT® process is a patented, wet-scrubbing, liquid redox system that uses a chelated iron
solution to convert H2S to elemental sulfur. Maddox et al. (1998) claimed that this LO-CAT ® process
does not use any toxic chemicals, and does not produce any hazardous waste byproducts. This catalyst
is cheap, environmentally friendly, and has a removal efficiency of 99.9%. Another best feature of this
process is that the chelated iron solution can be easily regenerated. This process is for low-H2S-content
acid gases and small plants (1 to 20 litres/day of sulfur), and consists of three sections, i.e., an absorber,
an oxidizer for catalyst regeneration, and a sulfur-handling unit.
3.7.1

LO-CAT® Process Description

The process flow diagram of the LO-CAT® process is shown in Figure 3.7.1. Koren et al. (2002)
suggested that the gas containing H2S is reacted with a chelated iron solution in an absorber and
produces elemental sulfur. The reduced form of iron is regenerated by passing air through the solution.

r\
Scrubber

Hr" Q.
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Figure 3.7.1: Process flow diagram for the LO-CAT Process (modified) (Jones V, 1973)
Maddox et al. (1998) suggested that the following reactions take place for the LO-CAT® process:
H 2 S +1 + 2Fe +3 =>

2H+1 + S + 2Fe + 2

2 Fe +2 + 2 H+1 + y2 0 2 => H 2 0 + 2 Fe +3

(3.7a)
(3.7b)

The divalent iron is then regenerated back with oxygen:
Vi 0 2 + H 2 0 + 2 Fe+2 =>
H 2 S + 14 0 2 => H 2 0 + S

2(OH) _1 + 2Fe +3

(3.7c)
(3.7d)

38
This results in precipitation of sulfur from the solution, and the sulfur is removed from the reactor. The
sulfur slurry is pumped to the melter and then to the sulfur separator. The reagent is recovered in the
form of condensed vapor and is recycled to the reactor.
In the same study, Jones et al. (1973) claimed that the LO-CAT® process unit can be used as a gassweetening unit by separating the absorber into two vessels and a tail gas cleaning unit. As soon as the
reaction takes place, a rich solution containing light slurry exits from the bottom of the absorber and
then goes to the atmospheric oxidizer tank for regeneration. After regeneration, the solution is sent back
to the absorber to react with the gas. Table 3.7.1, shows the process variables for LO-CAT® process.
Capital cost for 10 MMSCFD unit: $11-12 million. Cost of iron chelates is $ 0.50 per kg [1].
Process Variables
Table 3.7.1: Process variables - LO-CAT® process1'2
VARIABLES

ABSORBER

REGENERATOR

Pressure

40 psig

Atmospheric

Temperature

80-120 °F

120-150 °F

Solvent

High concentration Iron Chelates (3000 ppmw)

Ratio-Fe in Scr. Sol./ H2S in feed gas

4:1, twice the stoichiometric requirement [Hardison, 1992]

Regenerator air (SCFM)

1900-2100

1 Private communication (2008)
2 Koren, N (2002)
Advantages of LO-CAT® Process
The advantages of LO-CAT® process are (Maddox, 1998):
•

produces thiosulfate as a byproduct, and

•

has low residual O2 levels (approx.l ppm) in the re-oxidized solution.

Disadvantages of LO-CAT® Process
The disadvantages of LO-CAT® process are (Koren, 2002):
•

water balance needs to be maintained for efficient operations,

•

concentration of iron plays a vital role in the reaction; needs to be maintained,

•

pH 8-10 of the solution is to be maintained during reaction otherwise, fetches losses, and

•

corrodes very fast, certain coatings like elastomers for stainless steel.
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3.8 Stretford Process
The Stretford process was developed to remove H2S and was the first liquid-phase oxidation process for
converting H2S into sulfur to gain commercial acceptance globally. Tom Nicklin of Northwestern Board
and the Clayton Aniline Co., U.K., developed it in 1940, and his Company later became a part of the
British Gas Corporation. The Stretford process is a highly developed method for removing H2S from
gases and converting them to elemental sulfur using an aqueous alkaline solution that contains a
vanadium salt along with anthraquinone disulfonic acid (ADA) [17].
3.8.1

Stretford Process Description

The process flow diagram of the Stretford process is shown in Figure 3.8.1. Jones et al. (1973)
suggested that in this process, the feed gas to be purified is counter-currently scrubbed with aqueous
alkaline solution containing a vanadium salt along with ADA. The H2S is dissolved in the circulating
liquor and then oxidized to sulfur, by reducing the vanadium form from pentavalent to quadrivalent.
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Figure 3.8.1: Process flow diagram for the Stretford Process (modified) (Jones V, 1973)
The following chemical reactions take place for the Stretford Process [17]:
2H2S + 2Na 2 C0 3 => 2NaHS+2NaHC0 3

(3.8a)

2NaHS + 2NaV0 3 + H 2 0 => Na 2 V40 9 + 4NaOH +2 S

(3.8b)

Na 2 V 4 0 9 + 2NaOH + H 2 0+ 2 ADA => 4NaV0 3 + 2ADA (reduced form)

(3.8c)

2ADA (reduced) + 0 2 => 2ADA +2H 2 0

(3.8d)
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The rich solution exits from the absorber and is pumped to the flash drum. In the flash drum, the
hydrocarbon gases that are mixed in the solution are flashed, and the solution trickles down to the base
of the oxidizer vessel. The H2S is converted to elemental sulfur by vanadium salt, which itself is
reduced to vanadium form from pentavalent to quadrivalent [21].

To make the cycle reversible, anthraquinonic disulfonic acid is employed as an oxidant to restore the
quadrivalent vanadium back to the pentavalent state. Re-oxidization takes place by blowing air and
solution into the oxidizer. The aeration of the solution and the passage of air through the thickener
facilitates the movement of the elemental sulfur to the top of the oxidizer by froth creation. The wt% of
sulfur is increased in the thickener [17]. Table 3.8.1 shows the process variables for Stretford process.
Capital cost of 10 MMSCFD unit: $28-30 million. Cost of ADA solution is $13.25 per kg [1].
Process Variables
Table 3.8.1: Process Variables - Stretford process 1 ' 2
ABSORBER

VARIABLES

Atmospheric to 100 psig

Pressure
Temperature

80°Ftol30°F

Solvent used

Aqueous solution of sodium carbonate, sodium vanadate, and
anthraquinone disulfonic acid (ADA).

1 www.flscher-tropsch.org (2008)
2 Private communication (2008)
Advantages of Stretford Process
The advantages of Stretford process are (Jones, 1973):
•

high quality sulfur can be produced simply by filtration and washing,

•

sulfur does not block the wash towers, because of absorption in the solution, and

•

produces sulfur(s) as byproduct, which is used as molten sulfur in agricultural fertilizers.

Disadvantages of Stretford Process
The disadvantages of Stretford process are (Jones, 1973):
•

process does not achieve its design performance levels,

•

requires high capital ($12-13 million), and the cost of ADA is $13.25 per kg, and

•

produces harmful substances such as vanadate, which can't be discharged without treatment.
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3.9

Claus Process

The Claus process was first developed in 1883. The Claus process has two stages, i.e., thermal and
catalytic stages, which involve the oxidation of H2S to SO2 and the catalytically-promoted reaction of
H2S and SO2 to produce elemental sulfur. In the Claus process, the H2S/CO2 ratio is 2. The H2S and SO2
in this process are converted to elemental sulfur in one or more reactors containing alumina or bauxite
catalyst [24].
3.9.1

Claus Process Description

The process flow diagram of the Claus process is shown in Figure 3.9.1. Polasek et al. (1984) suggested
that this process could be operated in number of configurations. The Claus process has a sulphur
recovery unit (SRU), which requires H2S-rich feed gas to operate efficiently.
Thermal stage

Catalytic stages

Incinerator

Flare stack

Hydrogen
Sulfide .
Air"*

Approx. Sulfur Yield
Sulfur pit
Two stage Claus Process Plant

Figure 3.9.1: Process flow diagram for the Claus Process (modified) (Arnold K, 1989)
Koren et al. (2002) suggested that the following chemical reactions take place for the Claus process:
H2S + 3/2 0 2 => S0 2 +H2 (Thermal Stage)

(3.9a)

2H2S + S0 2 => 2H20 +3S

(3.9b)

3 H2S + 3/2 0 2

3H20 +3S

(3.9c)

S0 2 + 2H2S =

3S + 2H20 (Thermal and Catalytic Stage)

(3.9d)

Overall reaction:
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In the same study, Koren et al. (2002) suggested that the Claus process has selectivity for H2S over
other components present in the feed gas. The Claus process has two steps, i.e., a thermal step and a
catalytic step. In the thermal step, the H2S is removed as it is converted in stages into SO2, and, in the
next stage, SO2 is converted to sulfur by burning the acid-gas stream with air in the reaction furnace.
The 2nd catalytic step has multiple steps to complete the reaction. Heating and condensing the main
stream separates the sulfur vapors.
The catalytic step has two stages and gives a conversion efficiency of 94% to 95%, and even high
efficiencies, in the range of 97%, can be attained if three catalytic stages are used. The effluent gas is
burned in another treating unit called the "tail gas treatment" unit, before it is released to the
atmosphere. [24]. Table 3.9.1, shows the process variables for Claus process.
Capital requirement for 10 MMSCFD unit: $30-35 million, high cost is due to TGCU and the cost
of operating Claus process and TGCU is $14/tonne [1] (Number refers to website in reference section).
Process Variables
Table 3.9.1: Process variables - Claus process1'2
Pressure

Thermal Step- 25 psig

Temperature

Thermal Step - 1832-2550 °F; Catalytic Step- 482-662 °F

H2S / C0 2 loading

2

1 www.fischer-tropsch.org (2008)
2 Private communication (2008)
Advantages of Claus Process
The advantages of Claus process are (Polasek, 1984):
•

has a capability to produce bright sulfur, and

•

can be designed to convert carbonyl sulfide, and eliminate NH3 and HCN.

Disadvantages of Claus Process
The disadvantages of Claus process are (Polasek, 1984):
•

cannot treat gas having lower H2S (<15% of H2S), by introducing air as an oxidant,

•

requires additional tail gas clean-up for further clean up, and recovery of 97-98%, and

•

a large volume of tail gas is produced, which must be treated to reduce emissions gases. The
cost of the tail-gas unit (TGCU) increases the capital cost ($40-45 million) and operating cost
($14/ tonne of sulfur) for sulfur recovery.

43

3.10

SULFATREAT®

The Sulfatreat is a batch process for the removal of hydrogen sulfide gas (H2S) from natural gas.
Sulfatreat® is different from both chemical and physical processes, as this process uses dry sulfatreat
material [21]. Sulfatreat® is environmentally safe and stable, and upon reaction with H2S, forms
environmentally safe and stable compound called "PYRITE", also known as "FOOLSGOLD".
3.10.1 SULFATREAT* Process Description
The process flow diagram of Sulfatreat® process is shown in Figure 3.10.1. In this process, black
colored, granular, dry sulfatreat material having uniform shape and size is used in batches. Its unique
molecular structure makes it nonpyrophoric, on exposure to air, and helps to remove 2 to 3 times more
sulphur and 2 to 3 times longer life, than other processes [21]. The uniform shape and size of Sulfatreat®
material does not allow gas to channel (i.e. rat hole) through the bed [3].

SULFATREAT

SEPARATOR

Figure 3.10.1: Process Flow Diagram of Sulfatreat® Process (modified) [21]
The consumption of Sulfatreat® depends totally on the amount of hydrogen sulfide that passes through
the bed [21]. The Sulfatreat® vessel is always situated in between gas/liquid separator and dehydration
process in the process loop. The preferred gas temperature is in the range of 50°-120°F [21]. The
process is not pressure-sensitive, and is completely selective to H2S, and does not produce off gases [3].
The vertical vessel having Sulfatreat® material is shown in Figure 3.10.2.
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Capital requirement: $0.12-0.15 million. Cost of Sulfatreat® material is $4.25 per kg [1].
For a 10 MMSCFD unit: Natural gas having 50 ppm of H2S - Approximately $2500 to $3000 per
batch of 300-350 kg is required. Operating expenses are proportional to H2S content of gas [1] (Number
refers to website in reference section).
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PLATFORM
W I T H LADDER
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Figure 3.10.2: Sulfatreat® vessel [3]
Advantages of Sulfatreat® Process
The advantages of Sulfatreat® process are [21]:
•

environmentally safe and stable,

•

can be changed easily upon deactivation,

•

consumes less time and less effort to change, and

•

has 2-3 times more removal efficiency than other gas-sweetening processes.

Disadvantages of Sulfatreat Process
The disadvantages of Sulfatreat® process are [21]:
•

non-regenerable,

•

chemically intensive, and

•

expensive to dispose-off properly.

45

Chapter 4
MIXED or HYBRID SOLUTIONS
4.1

Hybrid Processes for Gas Sweetening

A hybrid solution is a mixture of two different solvents; the best-known example of a hybrid solution is
Sulfinol-D, which is a mixture of sulfolane (tetrahydrothiophenel-1 dioxide, a physical solvent), water,
and either diisopropanolamine (DIPA) or Methyldiethanolamine (MDEA) (both of which are chemical
solvents). Maddox et al. (1998) suggested that a typical sulflnol solution contains 40% sulfolane, 40%
DIPA, and 20% water and can remove 1.5 moles of acid gas per mole of Sulfmol solution.

In the same study, Silva et al. (1992) claimed that another mixture is a mixture of amines such as
MDEA and DEA or MDEA and MEA. Mixed solutions are rapidly increasing in demand because of
their low energy requirement, high capacity, and excellent stability. Thus, in reactions where one
solvent cannot meet the residual gas requirements, the use of a hybrid, or mixed solution can meet the
residual gas requirements and improve the plant performance.

Advantages of Hybrid Solutions
The advantages of Hybrid solutions are (Ebenezer, 2005):
•

less corrosive than chemical and physical processes,

•

makes less foam than chemical and physical processes,

•

requires less energy than chemical and physical processes, and

•

acid gas loading is higher than chemical and physical processes.

Disadvantages of Hybrid Solutions
The disadvantages of Hybrid solutions are (Ebenezer, 2005):
•

a reclaimer is required to remove oxazolidones, and

•

co-absorption of heavy hydrocarbon is higher in hybrid solution than chemical and physical
processes.
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Hybrid/or Mixed Solution - Sulfinol ® Process
4.2

Sulfinof Process

The Sulfinol® process, a product of Shell Oil Company, is a well-known example of a mixture of
amines and a physical solvent. Michael et al. (2004) suggested that the Sulfinol ® is a regenerative
process that was developed to reduce H2S, C0 2 , carbonyl sulfide, and mercaptans from sour gases, and
it is effective for treating large quantities of gases, such as natural gas at elevated pressures. It is unique
in the class of absorption processes because it uses a mixture of solvents, which allows it to behave both
as a chemical and a physical absorption process. There are two types of Sulfinol® processes:
•

Sulfinol®- D: a mixture of Sulfolane (C4H8O2S), Water, and Diisopropanolamine (DIPA),

•

Sulfinol® -M: a mixture of Sulfolane (C4H802S), Water, and Methyldiethanolamine (MDEA).

4.2.1

Sulfinol®- D Process Description

The process flow diagram of the Sulfinol - D process is shown in Figure 4.2. Michael et al. (2004)
suggested that the Sulfinol®-D process is a regenerative process to remove H2S and C0 2 . In this process,
the natural gas containing H2S enters at the bottom of the contactor and flows counter-currently to the
Sulfinol solvent. The sulfur-rich solvent is heated by heat exchange with the regenerated solvent, and is
fed back to the regenerator, where it is further heated and steam is used to remove more of the acid
gases. The acid gases removed from the solvent in the regenerator are cooled with air or water.
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Figure 4.2.1: Process Flow Diagram for the Sulfinol® -D Process (modified) (Arnold K, 1989)
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In the same study, Ebenezer et al. (2005) claimed that the elemental sulfur is recovered using sulfur
recovery units. The capital cost of Sulfinol® process is 15-20% less than amines processes for the same
capacity, because the equipment(s) used in the Sulfinol® process is smaller in size as a result of less
foaming and lower circulation rates. The following reaction takes place for Sulfinol®- D process [23]:
fast
(CH3)2HC-NH-CH(CH3)2 + C 0 2 + (CH3)2HC-NH-CH(CH3)2COO" H +! « •
(CH3)2HC-NH-CH(CH3)2COO-1 +(CH3)2HC-NH-CH(CH3)2H+1

(4.2a)

Reaction with MDEA (bi-carbonate):
slow
C 0 2 + H 2 0 + C2H40H-N(CH3)-C2H40H => C2H40H-N(CH3) -C2H4OH H+1 + HCO_13
Capital cost for 10 MMSCFD unit: $21-22 million. Cost of Hybrid sol. is $3.15-5.1 per kg [1].
Process Variables
Table 4.2.1: Process variables- Sulfinol® process 1 ' 2
VARIABLES

ABSORBER

REGENERATOR

Pressure

Above 1450 psig

70 and 90 mm Hg

Temperature

110°Ftol20°F

248 °F to 385 °F

Concentration

Sulfinol-D - 40% Sulfolane, 40%DIPA and 20%H2O
Sulfinol- M - 40% Sulfolane, 40%MDEA and 20%H2O

Ratio of H2S/C02

Uses ratios greater than 1:1

Circulation rate, gpm

55-105

1 Anerousis, J (1984)
2 www.shell.com (2008)
Advantages of Sulfinol®- D Process
The advantages of Sulfinol - D process are (Ebenezer, 2005):
•

process is non-corrosive,

•

energy consumption is lower (15% to 18% ) than other amines (Maddox, 1998),

•

foaming tendency is lowered by 20% to 25% than MDEA process, and

Disadvantages of Sulfinol®- D Process
The disadvantages of Sulfinol®- D process are (Ebenezer, 2005):
•

process has higher co-absorption of heavy hydrocarbons, and

•

seepage of sulfolane and alkanolamines to the ground water is not good for vegetation.

(4.2b)
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4.3

Mixed/Hybrid Amine Solutions

Mixed/hybrid amine solutions are mixtures of MDEA and other amines, such as DEA or MEA. MEA
and DEA are used as additives to MDEA to increase the concentration of the mixed solution. Hybrid
solutions are mixtures of either chemical solvents (mixed amines) or chemical and physical solvents,
and the best-known example in which such mixtures are used is the Sulfinol®-D process.
Silva et al. (1992) claimed that mixed solutions are gaining acceptance worldwide because they have
lower energy requirements, higher capacity, and better stability than chemical or physical solvents.
Thus, in reactions where a solvent cannot meet the residual gas requirements, the use of a hybrid
solution can meet the residual gas requirements and improve the plant performance.
Kohl et al. (1997) suggested that in aqueous phase (MEA-MDEA-C0 2 -H 2 S), following chemical
equilibria take place:
C 0 2 + 2H 2 0 => H 3 0 + 1 + HCCV1

(4.3a)

H 2 0 + MEAH+1 => H 3 0 + + MEA

(4.3b)

H 2 0 + MDEAH +1 => H 3 0 + 1 + MDEA

(4.3c)

RNHCOO" 1 +H 2 0 => RNH2 + HCO3"1 where RNH 2 =MEA

(4.3d)

To explain hybrid solutions in detail, two cases are described below:
Case I: Natural gas having 10 ppmw of H2S and 3.0 wt% of C 0 2 and the requirement is to treat this gas
using an appropriate gas sweetening solvent. The best solvent to treat this gas is MDEA solution having
50 wt% in water at a circulation rate of 70 gpm.
Case II: Natural gas having 4 ppmw of H2S and 1.0 wt% of C 0 2 and the requirement is to treat this gas
using an appropriate gas sweetening solvent. Silva et al. (1992) suggested that the best solvent to treat
this gas is a mixed amine solution (48 wt% MDEA and 2 wt% MEA in water) at a circulation rate of 80 120 gpm.
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Figure 4.3.1: Effect of mixed amines on sour gas having 5 wt% C 0 2 and H 2 S 0.1 wt% (Silva I, 1992)
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Silva et al. (1992) further claimed that in order to reduce the CO2 content below 1 wt%, the mixed amine
solution will generate good savings in terms of plant size and operating cost and this further adds value if
bulk removal of C0 2 takes place, as shown in Figure 4.3.1. In another mixture of MDEA and DEA, DEA
does not cause as much increase in the residual H2S as MEA does at low amine circulation rates, as
shown in Figure 4.3.2 and Figure 4.3.3.

100
*GtrC"ul-iatio*? rafter sipwn

Figure 4.3.2: Effect of Mixed Amines on Sour gas containing 5% C0 2 and 1% H2S (Silva I, 1992)
In the same study, Silva et al, (1992) claimed that these figures also depict, that DEA does not increase
the absorption of C0 2 whereas MEA does. Thus, DEA is preferred over MEA to make mixed amine
mixtures, because DEA has better stability. Mixed amines containing MDEA-based mixtures (MDEA MEA and MDEA - DEA) are used to increase the C0 2 removal in cases where the MDEA allows too
much C0 2 to be transported overhead in the absorber. Mixing MDEA with MEA or DEA is
advantageous to achieve the desired C0 2 removal.
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Figure 4.3.3: Effect of Mixed amines on Sour gas having DEA 10%, C0 2 , H2S 1% (Steven M, 2003)
Steven et al. (2003) suggested that mixed amines are useful for application in which the pressure is less
than or equal to 500 psig, since the MDEA is not capable of removing a sufficient amount of C0 2 to
meet pipeline specifications. Mixed amines have little or no advantages at high pressures and mixed
amine is also useful for cases in which the C0 2 content of the feed gas increases over time, due to field
aging.
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Chapter 5
Regeneration
5.1 Description of Regeneration Process - Amine
The process flow diagram of the amine regeneration system is shown in Figure 5.1. The amine
regeneration system regenerates the rich amine solution. Koren et al. (2002) suggested that using amine
regeneration processes, a concentration or purity level of 99.1% (w/w) to 99.5% (w/w) is obtained. The
regenerated amine solution is called the lean amine solution. The lean amine solution such as an MDEA
solution has a purity of 99.7% to 99.8%.
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Figure 5.1: Process Flow Diagram for the Amine Regeneration Plant (modified) (Mcdermott J, 1998)
In the same study, Silva et al. (1992) suggested that in the regeneration unit, the amine solution absorbs
hydrocarbons and acid gases in the amine absorber, for which hydrocarbon absorption depends on the
composition and pressure of the inlet gas. The amine regeneration system consists of the following
equipment: a flash tank, rich/lean amine heat exchanger, a stripping still, reboiler, filters, and an aerial
cooler. The amine flash separator improves the quality of the amine solution and the amine sweetening

51
system. Hydrocarbon contamination in the aqueous amine solutions often promotes foaming, which at
times, can be very severe. An anti-foam agent (foam controller) is injected into the system to control the
foam .The lean/rich amine heat exchanger heats the rich amine solution, and reduces the duty of the
cooler. The rich solution is usually in the tube side with an inlet velocity of 2 to 4 ft/sec to reduce
corrosion in shell and tube heat exchangers. The still or stripping tower is either a tray tower, or a
packed tower. Trays are designed for liquid and jet flood rates of 65% to 75%. The reflux condenser and
the amine coolers are air-cooled; forced draft heater. Efficient amine regeneration system produces a
lean amine of 99.5% purity.
5.1.1

Regeneration: Temperature profiles

The temperature profiles in the regeneration cycle are shown in Figure 5.1.1. It can be easily determined
from the Figure 5.1.1, that regeneration gas flow is initiated from the heater at time t0 and ends at time
ti, especially when the gas reaches its saturation limit of attaining the required temperature, T3. Then,
cooling of the gas is initiated at ti+, which ends at t2, when the gas reaches its saturation cooling
temperature limit, Ti. The temperature changes such that, T4 > T3 > T2 > T l , and the time required for
the entire regeneration cycle is t2 - to [26].
The regeneration stream is 5 -10% of the feed stream, and the direction of the hot regeneration gas
influences the required flow rate, the dew point of the effluent gas, and the useful life of the desiccant. If
the heating gas is injected into the regenerator in the reverse direction, i.e., downwards, then all the
contamination along with moisture present in the gas will pass through the entire bed, which will result
in a longer regeneration time [26]. In order to reduce the regeneration time, upward flow of the heating
gas and downward flow of the liquid are preferred. The flow direction of the cooling gas depends on the
amount of moisture present in the gas, i.e., wet gas should flow downward [26].
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Figure 5.1.1: Temperature profiles of regeneration cycles [26]
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5.2 Concentration - Individual Amines - DEA, DIP A, and MDEA
Alkanolamines, such as DEA, DIPA, and MDEA, are the preferred solvents used (at different weight
concentrations) at oil refineries and in natural gas sweetening processes. Kevin et al. (1996) suggested
that the concentration of amine is very important, not only from an operations standpoint, but also from
plant and equipment integrity standpoints, because it increases the corrosion rate considerably. The
effects of changing the amine concentration in different types of amines, such as DEA, DIPA, and
MDEA with respect to acid gas loading are shown in Figure 5.2.
In the same study, Kevin et al. (1996) further informed that when the amine concentration increases, the
concentrations of H2S and C0 2 decrease for DEA, but, for DIPA and MDEA, the concentrations of C0 2
decrease and the concentrations of H2S remain unchanged, as shown in Figure 5.2. The C0 2 absorbed
by these amines (DEA, DIPA and MDEA) displaces H2S. It has also been determined, that increasing
the amine concentration, e.g., using DEA at 40 wt% is not advisable because the resulting acid gases in
the solution will increase corrosion.

DEA
OIPA
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W T % AMINE

Figure 5.2: Results for C0 2 and H2S concentrations in the sweet gas for DEA, DIPA, and MDEA as a
function of wt% amine (Kevin M, 1996)

5.3

Concentration - Hybrid Solutions / Mixed Amines

Mixed amines are mixtures of MDEA and DEA or MEA, and they are used to enhance the removals of
H2S and C0 2 . Mixing of MDEA with DEA or MEA not only increases the amine concentration, but it
also decreases the heat of absorption.
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Figure 5.3.1 shows the CO2 concentration in the sweet gas as a function of wt% MDEA, which is added
to a 30 wt% DEA solution. MDEA is not as corrosive as DEA, so higher concentrations of MDEA can
be used. Mixing 5-10 wt% of MDEA with DEA will not impact the specification limits. Mixing more
MDEA with DEA for slipping CO2 will in turn increase the CO2 removal and increase the total amine
concentration in the mixed solution was discussed by Kevin et al. (1996).
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Figure 5.3.1: Results for C0 2 concentration in the sweet gas for a DEA-MDEA (Kevin M, 1996)
Comparisons of sweet gas C0 2 concentrations for DEA and a mixture of DEA-MDEA are shown in
Figure 5.3.2. Kevin et al. (1996) further discussed that greater slope of the line associated with DEA
suggests that DEA has greater affinity for absorbing CO2, than does the DEA-MDEA mixture. Mixing
MDEA with MEA or DEA is always beneficial, because mixed amines enhance the amine
concentration, and decrease the heat of absorption.
Inlet conditions of DEA
Inlet conditions of DEA-MDEA
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Figure 5.3.2: Comparison of sweet gas CO2 concentration for DEA and DEA-MDEA (Kevin M, 1996)
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Chapter 6
Selection Criteria- Gas Sweetening Processes
6.1

Process Selection of Gas Sweetening - Removal of H2S and C 0 2

Ebenezer et al. (2005) suggested that there are numerous processes available to remove H2S and CO2
from natural gas. Selecting the right process from various amine and non-amine processes has always
been a great challenge, but there are certain parameters and factors that are very helpful in choosing the
optimum process for specific requirements. Some of the factors and parameters are:
•

final specification,

•

volume of gas to be processed,

•

selectivity required for acid gas removal,

•

types of impurities present in the feed gas,

•

compositions of the hydrocarbons present in the gas,

•

concentrations of the impurities present in the feed gas,

•

prevailing conditions for the feed gas to be processed,

•

amounts of capital and operating costs required for the project, and

•

the concentration of each contaminant and the required degree of removal.

In addition to the above factors and parameters, Ebenezer et al. (2995) suggested that the removal of
H2S from natural fuel gas is to remove sulfur from the gas, and the process for doing this is totally based
on absorption. The appropriate selection of the solvent to be used for specific acid gases is based on
chemical or physical affinity.
In the same study, Michael et al. (2004) stated that these gas-sweetening processes are of two types: (1)
throwaway regenerable adsorbent processes and (2) regenerable solvent processes. The solvent-type
processes can be subdivided into three types:
•

Chemical solvent processes,

•

Physical solvent processes, and

•

Hybrid/Mixed solvent processes
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The chemical solvent sweetening processes are amine processes that use MEA, DEA, DGA, DIP A, and
MDEA as chemical solvents. These solvents contain additional activators and inhibitors to enhance
mass transfer and regulate corrosion. Primary and secondary amines, such as MEA and DIPA are used
as solvents, because they promote elevated mass transfer rates of C0 2 .

Michael et al. (2004) claimed that tertiary amines, such as MDEA are favored for use in gas sweetening
processes over primary and secondary amines because: (I) it removes more H2S and CO2 and minimal
mercaptans than other amines; (II) it incurs lower losses (-0.15 lb of amine/MMSCF of gas) than other
amines; and (III) it can be regenerated at a low temperature (242 °F) and low pressure (10 psig), which
improves its selectivity.

The proper selection of a gas sweetening process depends on various factors, such as, removal of
compounds, process conditions, required level of gas treatment, metallurgical considerations, and other
vital reasons [12]. The commonly used alkanolamines are:

•

Monoethanolamine (MEA) - typically used for low-pressure systems and in operations where
there is a stringent requirement for a sweet gas with a very low sulfur content. It removes both
H2S and CO2 from the natural fuel gas streams.

•

Diglycolamine (DGA) - typically used for systems in which the requirement is to remove H 2 S,
carbonyl sulfide (COS), and mercaptans.

•

DEA (Diethanolamine) - typically used for medium- to high-pressure systems (above 500 psig),
and the requirement is to treat gas streams having a high H 2 S/C0 2 ratio.

•

MDEA (Methyldiethanolamine) - typically used for systems in which the requirement is to treat
gas that has a low H2S/CO2 ratio in order to concentrate the H2S in the acid gas effluent.

Physical solvent gas-sweetening processes, such as Rectisol®, Selexol®, and the FLUOR solvent
processes have the following merits: non-corrosive, stable, non-toxic, less volatile, and higher ability to
absorb water, which is removed by cooling the gas stream [13]. The Physical solvents absorb more
hydrocarbons, so they can be used to treat synthesis gases that have low concentrations of
hydrocarbons. At higher CO2 partial pressures, the physical solvents are preferred over chemical,
because higher partial pressure increases the C 0 2 loading capacity, as shown in Figure 6.1.1 [13]. But,
at lower CO2 partial pressures (<15 bar), the chemical solvents absorb more C 0 2 than physical solvents.
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When amines react with CO2, the following principal reactions take place [20]:
Ionization of water:

H 2 0 <=> H+1 + OH 1

(6.1a)

Protonation of Alkanolamine:

RNH 2 + H 2 « • RNH 3+1

(6.1b)

Hydrolysis and ionization:

C 0 2 + H 2 0 <=> HCO3"1 + H+1

(6.1c)

Carbamate formation:

RNH2 + C 0 2 <=> RNHCOCT+ H+1

(6.1d)

Ebenezer et al. (2005) further suggested that the Hybrid/Mixed solvent processes use mixtures of
amines and a physical solvent. Hybrid solvent processes are gaining popularity rapidly because of their
low energy requirement, high capacity, and excellent stability. An example of a hybrid/mixed solvent
process is the Sulfinol Process, which uses a mixture of amines and a physical solvent, i.e., sulfolane
(C4Hg02S) in water and an aqueous solution of either DIPA or MDEA. Another example of mixed
amines is the combination, MDEA-MEA/DEA. Mixed amines increase the amine concentration and
capacity, and decrease the heat of absorption. Recently, mixed amine solvents, such as DEA-MDEA
and MEA-MDEA, have also gained popularity because of the smaller size equipment required (less
cost), and more energy savings than amines.
Aqueous alkanolamines are widely used for many reasons and provide some advantages, but, if the
partial pressures of the components in the natural fuel gas are high, then physical solvent process, such
as the Rectisol®, FLUOR solvent, and Selexol® processes, are preferred. In general, physical solvents
are capable of removing carbonyl sulfide (COS), carbon disulfide (CS2), and mercaptans. Besides, the
physical solvent processes can treat and dehydrate the gas simultaneously, although additional
equipment and higher energy requirements may be required. The best-known example is the Molecular
Sieve Process. The guide for selecting gas-sweetening process is shown in Figure 6.1.2 [19].
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Figure 6.1.1: C 0 2 Loading characteristics of various solvents [13]
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6.2 Selection Criteria for Amine Solvent Solutions
Many factors should be considered to select an amine for a sweetening application [13]:
•

the initial selection is based on the pressure, acid gas content of the sour gas, and the purity
specifications of the product gas,

•

monoethanolamine (MEA) is usually not preferred because of its high heat of reaction and lower
acid gas carrying capacity per unit volume of solution. MEA is used for low pressure application
(low inlet pressure) or for applications where acid gases are required to removed completely,

•

diethanolamine (DEA) is used for its lower heat of reaction, higher acid gas carrying capacity
and lower energy requirements [20],

•

diglycolamine (DGA) although has high heat of reaction, its very high gas carrying capacity
usually produces very reasonable net energy requirements. DGA also has a good potential for
absorbing carbonyl sulfide (COS) and some mercaptans from gas and liquid streams, and
because of this, DGA is used in both natural and refinery gas applications, and

•

methyl diethanol amine (MDEA) with some of its outstanding capabilities resulting from its low
heat of reaction can be used in application where bulk acid gas removal is required. MDEA is
currently best known for its ability to absorb H2S preferentially [16].

Table 6.2: Comparison of different Amine 1 ' 2
Amine
Solution strength mass %
Acid gas loading mole/mole
Heat of reaction for H 2 S, kJ/kg
Heat of reaction for CO2, kJ/kg
Ability to absorb H2S preferentially

MEA

DEA

DGA

MDEA

15-20

25-35

50-70

20-50

0.3-0.35
1281
1922

0.3-0.35
1189
1520
Under some
conditions

0.3-0.35
1570
1729

0.3-0.45
1214
1398
Under most
conditions

No

No

lPolasek,J(1984)
2 Private communication (2008)

6.3

Economic Factors in Operating Gas Sweetening Processes

The most important factor in gas sweetening processes (physical, chemical, and mixed) from the
economics standpoint is the "Circulation Rate" of the chemical solvent. Ebenezer et al. (2005) suggested
that the solvent circulation rate is the basis for the entire gas-sweetening plant design, including pump
selection, pipe sizing, heat exchangers, regeneration tower, and other required equipment. The energy
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requirement for solvent regeneration is also based on the solvent circulation rate, because the reboiler
heat duty is directly associated with the solvent circulation rate. Thus, the operating and capital costs
requirements are based on the solvent circulation rate. Another economic factor is the corrositivity of
the solution, which is the basis for choosing the materials of construction for flash separator and the
regeneration tower, since both operate at high temperatures and acidity levels.
Ebenezer et al. (2005) claimed that the circulation rate and working capacity of the solvent are
correlated to each other, which helps the gas sweetening processes to become economical and
profitable. The increase in working capacity of a solvent can minimize the capital and operating costs.
This increase is done by increasing the concentration of the gas treating solvent, and allows the acid gas
loading in solution to rise above the conventional level. The increase in concentration of the gas treating
solvent increases the likelihood of corrosion to the plant and its equipment, but, by using optimized
techniques, the solvent circulation rate can be reduced by 30% to 40% relative to the conventional
processes. Reduction in circulation rate reduces both the capital and operating costs significantly.

6.4 Economic Comparison - Chemical solvent process - MDEA process and
physical solvent process - Fluor solvent process
The economic comparison between a chemical solvent type process, e.g., the MDEA process and
physical solvent process, e.g., the FLUOR solvent process, depends on several factors, such as: feed gas
composition, process conditions and other factors which affect the total capital and operating costs.
Basis for total capital cost: Enron Oil & Gas, Ltd. - Offshore, India (2002). Basis for operating costs:
natural gas at $3.35 per MMBtu; Power generation was through gas turbines - Solar (Taurus 100). The
FLUOR process unit has 2 1 % less capital cost than the MDEA chemical solvent process, as shown in
Figure 6.4.1 in which, the MDEA process has been assigned a base value of 100.
Kellog et al. (1996) suggested that the FLUOR solvent process has a relative operating cost value of 9
compared to the MDEA process, which has an annual capital cost value of 11. Thus, the FLUOR
process has about 18% less operating cost than the M D E A process, as shown in Figure 6.4.1. The

operating cost for both the processes can be analyzed from the following factors:
•

Solvent Circulation Rate: The solvent circulation rate establishes the cost basis for the entire
gas-sweetening plant. The FLUOR process has a 9% higher solvent circulation rate than the
MDEA process. Thus, the MDEA process has a higher acid gas pickup per gallon of rich
solution than the FLUOR solvent process.
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Heat Duty: The FLUOR solvent process does not require an external heat source to regenerate
1,2-propylene carbonate solvent - used in the process. However, the process produces a small
waste energy stream, which comes from power generation, to regenerate the triethylene glycol
(TEG), to dry the feed gas. The regeneration duty of triethylene glycol (TEG) is about 1% of the
process duty of the MDEA process.
Air Cooler: The process cooling required by the FLUOR solvent process is for the refrigeration
condenser and the cooler after the recycle compressor. In the regeneration plant, cooling is
required to convert the condensable vapors to liquid. These are the overhead condenser and the
lean amine cooler, and the required cooling duty for the FLUOR solvent process is about 11% of
the cooling duty for the amine process as per Polasek et al. (1984).
Power: The main power consumers in the FLUOR solvent process are: solvent circulation
pumps, refrigeration unit, recycle gas compressor, vacuum pump, and air coolers. In the MDEA
process, the main power consumers are: the lean amine cooler, amine regenerator, overhead
condenser, and the lean amine pumps. The MDEA has a slightly higher power demand (about
3%) than the FLUOR solvent process, as shown in Figure 6.4.2.
Fluor Solvent Process

MDEA

• Fluor Solvent Process
12V ]

Total Installed Cost

Annual Operating Cost

Figure 6.4.1: Comparison of relative costs
(modified)(Maddox R, 1998)
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Figure 6.4.2: Comparison of operating
parameters (modified) (Maddox R, 1998)

Conclusions
The above analysis concludes, that the FLUOR process has less operating and capital costs than the
MDEA process, and that the FLUOR process allows even greater savings as the partial pressure of CO2
in the sour gas increases. Furthermore, the FLUOR process is safer, both environmentally and from an
operation standpoint, and requires less maintenance. Thus, the FLUOR process is more superior to
MDEA process.
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6.5

Economic differences in Chemical, Physical and Hybrid solvent processes

The economic difference between chemical, physical and hybrid solvent processes to treat sour natural
gas from the operating and capital costs viewpoint are as follows:
Operating Cost - Differences
Table 6.5.1: Operating cost - chemical, physical and hybrid solvents1
Operating

cost

Chemical

Physical solvents

Hybrid solvents

differences

solvents

Hydrocarbon Losses

Higher

Higher

Increased losses,

Meets Low C 0 2 Spec

Same

Same

Same

Meets Low H2S Spec

Same

Same

Same

Energy Consumption

Lower

Higher

Lower

Operating cost

Lower

Higher

Lower

Maintenance cost

Lower

Higher

Slightly higher

Ease of Operation

Not complex

Complex

Slightly more complex

Dehydration

Not required

Required in some processes

Product still saturated

Corrosion Potential

Higher

Higher

Lower (lower loadings)

Foaming

Present

Less than chemical processes

Virtually eliminated

1 William, E (2002)
Capital Cost - Differences
Table 6.5.2: Capital cost - hybrid solution and chemical solvent1
Capital cost differences

Hybrid solution versus chemical solvent

Recycle compression
Total installed costs
Very large gas flow
1 William, E (2002)

Not a concern
Same to lower
Significant savings

Following are required to estimate both Operating and Capital costs:
Table 6.5.3: Components required for operating and capital costs 1

Circulation cost
Reboiler Duty
Columns diameter
Solvent cost
1 William, E (2002)

Operating cost
Pump kwh, solvent losses
Energy requirement
...

Solvent Makeup

Capital cost
Pump cost, solvent inventory
Affects stripper column size
Lost expensive equipment
Solvent initial fill
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6.6 Economics - Operating and Capital cost for gas sweetening processes
Table 6.6.1; Economic Cost - Chemical solvent and hybrid solvent processes
S. No Process Circulation
Steam
Cost of solvent Operating cost
rate
(per annum)
gal/mol AG
Cdn.
$
in million (Cdn.)
Lb/gal
1
MEA
100-165
1.0-1.2
$3.25/kg
$5.39
2
DEA
60-125
0.9-1.1
$3.25/kg
$5.53
DGA
60-130
$3.75/kg
3
1.1-1.3
$5.15
4
DIPA
$4.10/kg
140-200
$5.27
5
MDEA
65-110
0.9-1.1
$4.75/kg
$5.49
6
Sulfinol
55-105
0.8-1.1
$3.15-5.10/kg
$4.58
7
8

K 2 C0 3
GV

130-220
7000-8000

0.6-0.8

Capital cost
(million) Cdn.
$25-26
$22-23
$23-24
$21-22
$24-25
$21-22

$0.55/kg
$23-24
$5.03
$3.5/kg
$5.21
$30-31
Capital cost is for 10 MMSCFD sour gas plant

1 Kellog, M (1996)
2 Private communication (2008)
Table 6.6.2: Economic Cost - Physical solvent processes1'2
S.No.
Process
Circulation
Cost of solvent / or
Rate, gpm
Medium

-

$650—3800 p.a
$9.10-15.75/kg

Operating cost
(per annum)
in million
(Cdn.)
n/a
n/a

FLUOR
Selexol®
Rectisol®
Purisol

6000-6500
13000-16000
4500-5500
16000-17000

$5.75/kg
$5.50/kg
$1.65/gal
$4.3/kg

$4.95
$4.85
$4.35
$4.28

$27-28
$31-32
$29-30
$26-27

LO-CAT®
Stretford
Claus

-

$0.50/kg
$13.25/kg
$14/tonne of Sulfur

n/a
$4.81
$5.62

$11-12
$28-30
$30-35

1
2

Iron Sponge
Molecular S.

3
4
5
6
7
8
9

-

N/A
-

Capital cost
(million) Cdn.

$0.25-0.35
$6-7.5

Capital cost is for 10 MMSCFD sour gas plant
1 Kellog, M (1996)
2 Private communication (2008)
Table 6.6.3: Economic Cost - Batch Process - Sulfatreat® process1'2
S.No. Process
Cost - Sulfatreat Operating cost/ batch)

Capital cost (million)

$2500-3000 / batch of
1
$4.25/kg
300-350 kg
$0.12-0.15
Sulfatreat®
Capital cost is for 10 MMSCFD Sour gas plant. Operating cost is for natural gas having 50 ppm of H2S
1 Kellog M, (1996)
2 Private communication (2008)

Depreciation @ 10% plant cost
Taxes and Insurance @ 2.5% of plant
Cost
Total Indirect Costs
Total Operating Costs
Cost of Profit (before @25% of plant
Cost)
Grand Total Treating Cost dollar / year
Treating Cost - S/1000 SCF gas treated
1 Private communication (2008)

Steam @ $ 4.50/1000kg
Electricity @ $0.15/kwh
Cooling water @ $39.6/1000 m3
f$0.15/1000gall
Process Water @$132/1000 m3
[$0.50/1000gall
Gas Losses @$30/1000m3(std)
[0.85/1000SCF1
Chemical Losses @ Cost
Sub Total
Operating Labor
Maintenance cost @1%- 4% plant Cost
Plant General
Sub Total
Total Direct Costs

Plant Investment

Process Used

140.25

212.5

2687.5
7270.25
5375
12645.25
0.35

3906.25
8759.3
7812.5
16571.8
0.46

19.55
20.5
3965.55
3812.75
385
385
312.5
215
190
170
887.5
770
4853.05
4582.75
Indirect operating cost (1000 $/Year)
3125
2150
781.25
537.5

18

11.5

13828.25
0.38

14861.75
0.41

3156.25
8549.25
6312.5

2525
631.25

2345
586.25
2931.25
7965.75
5862.5

22
4608.5
370
252.5
162
784.5
5393

255

28

2100
2165
38.5

Chemical solvent MEA process
25250000

18
4220
385
234.5
195
814.5
5034.5

297.5

8.5

Hybrid solventChemical solvent—
Sulfinol process
Hot K 2 C0 3 process
23450000
21500000
Direct operating cost (1000 $/Year)
1692
1820
1870
2005
2040
1730
25
34
36

Physical solventSelexol® process
31250000

Table 6.6.4: Detailed Economic comparison between four different - Physical, Chemical and Hybrid solvent processes1
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Chapter 7
Other Considerations
7.1 Losses - Amine

There are two types of losses: (1) due to an integral part of the process, and (2) due to leaks, spills and
mishandling. Stewart et al. (1994) suggested that the losses due to leaks, spills and mishandling are
greater than the process losses. Apart from these main losses, there are other upsets such as: foaming in
the absorber and contamination, which also contribute considerably.

Stewart et al. (1994) highlighted some of the process losses, which result from:

1. sweet gas from the absorber: MEA is volatile enough to result in losses of 0.45 lb/MMSCF of
process gas. DEA, DGA, DIPA, and MDEA are much less volatile and these amine solvents
have the losses - 0.15 to 0.25 lb/MMSCF,
2. entrainment from the absorber: averages 0.5 to 3.0 lb/MMSCF. Operating the absorber at less
than 70% of the flooding velocity and installing a demister at the top of the tower can reduce
these losses. By installing two H 2 0 wash trays above the amine trays, losses can further be
reduced,
3. gas from the tank and liquids from a three-phase tank: these losses are usually small,
4. minor leakages take place from reflux overhead gas, because the vapors and liquid do not
contain much amine, and
5. reclaiming losses depends entirely on the number of times the reclaiming of primary amine
takes place.
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7.2 Make-up Water
Make-up water replaces operating losses from the absorber. Burr et al. (1995) suggested that addition of
water make-up depends entirely on the size of the units. For a smaller unit, make-up water is added
periodically, and for a larger unit, it is added continuously. This make-up water can be combined with
reflux to the stripper, or fed to the wash trays at the top of the absorber.

Make-up water can contain contaminants that accumulate in the unit, and can cause foaming, corrosion,
plugging, and fouling. In order to avoid these contaminants in the unit, it is recommended to have the
following specifications: 20 ppm chloride, 100 ppm TDS, 50 ppm total hardness, 10 ppm Na/K, and the
make-up hard water has 10 ppm Fe was discussed by Burr et al. (1995).

7.3 Water Content
The water content is the amount of water present in the gas, and is measured in terms of lb/MMSCF of a
gas. Arnold et al. (1989) suggested that it is easy to estimate the amount of water present in the sweet
gas as compared to sour gas. Since both H2S and C 0 2 are soluble in water and possess polar behavior, it
becomes difficult to predict the amount of water present in the sour gas. The method to estimate the
amount of water present in the sour gas can be found from PVT equation of state:

W = yW h c + y 1 W 1 + y 2 W 2

Where :

Whc = water content of gas in kg / 1 0 6 std. m 3 [lb/MMSCFD],
Wi = effective water content contribution of H2S to the gas mixture [lb/MMSCF],
W2 = effective water content contribution of C 0 2 to the gas mixture [lb/MMSCF],
y
yi

= mole fraction of all components in gas except H2S and C0 2 ,
= mole fraction of H 2 S, and

y2

= mole fraction of C0 2 .

(7.3)
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7.4

Foaming

Foaming is basically a froth formation, which occurs quite often in the sweetening process. Figure 7.4
shows hydrocarbon occurrence in contactor. Arnold et al. (1989) suggested that the formation of foam
could reduce the gas throughput and sweetening efficiency to the point, that pipeline specifications
cannot be met, and can increase the amine loss considerably. Foaming also reduces the mass transfer
efficiency in the contactors, and increases the acid gas content of the treated gas leaving the contactors.
Arnold et al. (1989) highlighted the main reasons for foaming to occur in the system are:

1. presence of hydrocarbon liquids,
2. coatings on some filter cartridges,
3. overloading of the tower with heavy gas,
4. contamination of amine occurs during shipping,
5. presence of suspended solids including iron sulfide,
6. antifoam injection exceeds its required limit into the system, and
7. presence of any foreign material such as: corrosion inhibitors, valve grease, or even impurities
in make-up water.
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removal
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Figure 7.4: Hydrocarbon Occurrence in a Contactor (Arnold K, 1989)
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7.4.1

Foam Control (Antifoam)

To minimize the formation of foam in the system, an antifoam agent is injected. Arnold et al. (1989)
suggested that the concentration of antifoam is of great importance, and is controlled very carefully. The
occurrence of foam within the system is shown in Figure 7.4.1.
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Figure 7.4.1: Occurrence of Foaming within the System (Arnold K, 1989)
Arnold et al. (1989) further claimed that activated carbon filtration is mainly used to remove
hydrocarbon contamination, which is a major case of foaming, but heavy hydrocarbons are difficult to
remove (especially when the pore size of the carbon is too small to capture the molecules). Some
particles are so small, that the filtration media is insufficient to capture them and thus, they are left in
the solution. It can then lead to fouling of heat transfer surfaces, which in turn lowers their efficiencies.
Injecting more antifoam than required can do more harm than good, since it can cause severe foaming.

7.5 Other requirements for Amine Process Plants
There are many important elements to be considered for any processing plant such as:
7.5.1

Materials of Construction

Several types of corrosion, such as: general, galvanic, crevice, pitting, erosion, and stress-corrosion
cracking occur in amine plants. Stress corrosion is the most prevalent type, because the gas streams
containing H2S cause metals to crack due to sulfide stress. Carbon steels become susceptible when the
H2S partial pressure exceeds 0.05 psig at system pressures above 65 psig [14]. These corrosion
problems are more severe in MEA units.
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Other types of corrosion are:

1. CO2 corrosion, especially when the rich amine temperature exceeds 155 °F. By limiting the
concentration and using corrosion inhibitors, the corrosion problem can be controlled [14],
2. electrolyte corrosion due to the presence of unlike metals in aqueous environments, and
3. oxidation corrosion due to the presence of 0 2 in the makeup H 2 0 and feed gas streams.

The criteria for the selection of material for all the applications are as follows [14]:

1. all pressure vessels, heat exchangers, re-boilers, coolers, headers, and piping in sour-gas or richamine service should be stress relieved,
2. a corrosion allowance of 0.0625 inch for ASME code pressure vessels and 0.05 inch for piping
is allowed. Stainless steel equipment requires no corrosion allowance,
3. for shells, heads, and externals, carbon steel with maximum hardness RC-22 is used normally,
as steels of fine grain are least susceptible to corrosion,
4. for internals, such as baffles, lugs, and clips, carbon steel is used, as it is compatible,
5. for internals, such as demisters, bubble caps, valves, bolts, and parts subject to high velocities,
stainless steel series 300 or 400 is used,
6. for tubes and tube sheets, carbon steel is used if the temperature is less than 150 °F. But, if the
temperature is above 150 °F, stainless steel series 300 is used,
7. for fire tubes in direct-fired re-boilers, carbon steel is preferred,
8. for high-pressure pumps above 200 psig, carbon steel is used,
9. for low-pressure pumps below 200 psig service, ductile iron case is used,
10. for iron impellers in centrifugal pumps, stainless steel series 300 is used for pumping fluids
having temperatures above 150 °F or for rich amines,
11. for valves and piping, carbon steel is used. Ductile or cast iron valves are always avoided
because of the lack of impact resistance and tensile strength, and
12. for the monitoring of amine flow, differential pressure cells are always preferred.
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7.5.2

Winterization

In colder regions, the severe climatic conditions can cause damage to the equipment, plant, piping, and
machinery to a great extent. To protect against these damages, and to avoid impaired instrument
operation caused by change of state of process vapor and liquids, ice and hydrate formation, or
equipment design limitations, sufficient protective measures are taken. These protective measures are
called winterization [14]. These entirely depend on the climatic and process conditions for seasonal
operation and heat conservation. Following are the methods of winterization [14]:

1. impulse lines containing instruments, originating from main lines that are traced and insulated
are also traced and insulated along with their instruments,
2. insulation and the heat tracing (within the insulation) are checked,
3. source of heat tracing (within the insulation) can be: electric, steam, and hot oil,
4. the louvers of the coolers are put back on air re-circulation during winterization,
5. the foundation is designed to allow the frost protection to prevent movement, and
6. heat tracing of the amine plant and equipment, piping, level gauges, instrumentation parts, is
carried out.

7.6 Corrosion
Corrosion is defined as the deterioration of a material, usually a metal. Corrosion occurs by an
electrochemical process. The phenomenon is similar to the one, which takes place when a carbon-zinc
"dry" cell generates a direct current. Maddox et al. (1998) suggested that for corrosion to take place, an
anode (negative electrode), a cathode (positive electrode), an electrolyte (environment), and a circuit,
connecting the anode and the cathode are required. Corrosion can be mitigated by: coatings, cathodic
protection, chemical inhibitors, and environmental change.

The amine solutions some times get contaminated by the presence of any foreign material such as:
corrosion inhibitors, valve grease, or even impurities in make-up water even during shipping etc., and
this give rise to several types of corrosion [27]. In case of increased circulation rates, erosion corrosion
may take place, which is the physical wearing of metals by the abrasive action of either suspended
solids, or extremely high fluid velocities, in the restricted areas. Fouling, which causes solid deposition
or scaling, may result crevice corrosion.
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Pitting is accelerated by the presence of oxygen as it enters through the un-blanketed tank, inadequately
designed/operated vapor recovery systems or product storage tanks. Flow lines do not get influenced
with pitting if the velocity of the flow is over 1.2 m/s as per Maddox et al. (1998). Figure 7.6.1.2 shows,
presence of 0 2 influences the corrosion. High fluid velocities accelerate corrosion and erosion.

Figure 7.6.1.2: Effect of C 0 2 and 0 2 in H 2 0 on corrosion rate of 0.15% C. Steel (Maddox R, 1998)

7.7 Corrosion Inhibitors
The corrosion inhibitor solutions that are used have a concentration of 40-50 wt% (typical). These
corrosion inhibitors are arsenic salts, vanadium salts, and dichromates [27].

If the main constituent of an acid gas is C0 2 , then K 2 Cr 2 0 7 is used as a corrosion inhibitor having a
concentration of 50 wt% [18]. But, if the acid gas contains H 2 S as well, then K 2 Cr 2 0 7 cannot be used, as
both H2S and carbonyl sulfide cause reduction of the hexavalent chromium to the insoluble trivalent
state, and causes erosion and precipitation (Maddox R, 1998). If the quantity of H2S is sufficient, then
the formation of potassium bisulfide inhibits corrosion to a substantial extent [18]. In a case where H2S
is present and corrosion is a major problem, film-forming fatty amines are used, as these are very
effective as corrosion inhibitors [27].
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7.8 Environmental Impact - related to H2S
Throughout the world, there are dangers associated with the exposure to hazardous gases. To ensure that
these hazardous or dangerous gases such as H2S should not be released into the atmosphere, regulatory
bodies have placed stringent environment regulations. These environment regulations not only govern
the release or discharge of these lethal gases to the atmosphere, but also ensure, that people understand
these stringent regulatory norms, and follow them stringently.
Maddox et al. (1998) suggested that hydrogen sulfide is colorless, flammable, and has an offensive
smell of rotten eggs. It is produced naturally and as a result of human activity. It is extremely poisonous
and has the same deadly effect as hydrogen cyanide. The concentration of H2S in air in unpolluted areas
is very low between 0.03 and 0.1 g/m, Human beings may be exposed to H2S from endogenous and
exogenous sources via inhalation, and the gas is rapidly absorbed through the lungs. A H2S
concentration of 600 ppm to 800 ppm will result in rapid poisoning and death. The issues or concerns
related to hydrogen sulfide are described, based on the local regulations, and the internal practices of the
operating company.
In the same study, Mak et al. (2003) informed that the stringent regulations of regulatory emission
authority have led to rapid development of processes for the conversion of gaseous sulfur-containing
compounds to sulfur. The taste threshold for H2S in H 2 0 is between 0.05 and 0.1mg/l. H2S vapor
pressure -1929 Pa (at 72 °F), soluble in water and water solubility at 68 °F is 1.0 g in 242 ml. Table
7.8.1, shows the relation of H2S with period of exposure and Table 7.8.2 shows, the toxicity of
hydrogen sulfide to man. Environmental issues are becoming much more important in the operations of
existing gas treating plants and in the selection of new plants:
•

Gas Emissions
o

•

Liquids
o

•

•

H 2 S, S 0 2

Sour water, spillage, and contaminated solution

Solid and other wastes
o

Filter and filter cake

o

Degradation products

o

Spent iron oxide

Federal / State approval for disposal
o

Hazardous waste

o

Non-hazardous waste
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•

Most process produce iron sulfide in the filter cake.

•

Some processes produce a heavy metal waste such as arsenic and vanadium.

•

Particularly in the case of degradation products, the contaminants may not be fully identified.

Table 7.8.1: Relation of H2S ppm with exposure period1
Parts of H2S per

Period of Exposure

million parts of air
(ppmw)
10

This is the maximum concentration level for a prolonged exposure.

70-150

Minor symptoms after some hours of exposure.

170-300

This is the maximum concentration, which one can inhale for one hour. Lead not
to serious consequences.

400-500

Considered to unsafe after 30 minutes to 1 hour exposure.

600-800

Can be fatal in 30 minutes or less of exposure.

lMaddox,R(1998)
Table 7.8.2: Toxicity of hydrogen sulfide to man'
Toxicity of Hydrogen Sulfide to Man
H2S %(ppm)
0.005(50)
0.010(100)
0.010(100)
0.015(150)

0.015(150)
0.020(200)
0.025(250)
0.035(350)

0-2min.

Irritating eyes
Loss of sense
of smell

2-15min.

Coughing
Irritation in
eyes,Loss of
sense of smell
Loss of sense
of Smell
Irritation in
eyes
Irritation in
eyes

0.035(350)
0.045(450)

15-30min.

Disturbed
respiration
pain in eyes
sleepiness
Throat & eye
Irritation
Secretion of
tears with pain
Weariness
Secretion of
tears with pain
Weariness

30-lhr
Mild conjuctivitis
Irritation
Throat
Irritation

Salivation
Pain in eyes
Coughing

4-8hrs

Coughing,

Respiratory

Serious eye

0.060(600)

Collapse &

disturbances

Irritation,palpitatio & head,dizziness,

8-48hrs

Increased Hemorrhage
Symptoms & Death

Throat & eye
Breath choking Serious
Irritation
Blurred vision Irritation
Light shy, Catarrh Hemorrhage
Pain in eyes
& Death
Difficulty in breating
Irritation of eyes & Dizziness
Death
tract,dull pain in
Weakness
Irritation,
Head, weariness,
Death
Light shy
Severe pain in eyes

0.050(500)

0.060(600)
0.070(700)
0.080(800)
0.100(100)
0.150(150)

l-4hrs

Hemorrhage
& Death

of heart, few cases great weakness &
Unconciouness Irritating eyes
Collapse
of Death
Death
Collapse &
Collapse &
Unconciouness; Unconciouness;
Death
Death

Data secured from experiments with dogs which have susceptibility similar to men [ ppm-parts per million]

lMaddox,R(1998)
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8 Measurement and testing
8.1 GAS SAMPLING AND MEASUREMENT
There are different types of techniques available to measure or monitor the H2S concentration in the gas
stream. The different techniques are:

•

Electrochemical sensor,

•

Gas detector tubes, and

•

Gas chromatography.

8.1.1 Electrochemical Sensor
The electrochemical sensor has a single gas detector tube to measure hydrogen sulfide (H2S) in the gas
stream. Polasek et al. (1984) suggested that the electrochemical sensor is different from other H2S
measuring devices, as it does not sense other gases to a great extent but interference of other gases may
still have either a positive or negative impact on the sensor readings. The sensor is calibrated regularly,
using certified standards.
8.1.2 Gas Sampling Tubes
Gas detection tubes are used to measure the H2S concentration present in the gas stream. These gas
tubes are also known as Dragger tubes. Polasek et al. (1984) suggested that in these gas tubes, a
chemical reaction between lead acetate and H2S takes place as soon as these detector tubes come in
contact with H 2 S:
H2S + Pb(CH 3 COO) 2 => PbS + 2CH3COOH

(8.1)

As soon as this reaction takes place in the gas tubes, a brown stain forms, which can be read directly for
H2S concentration. These detector tubes are made of glass, and the side tips of these tubes are rubbed
before putting them into the hand aspiration pump, which helps to draw known volume of sample
through these detector tubes. The scale on these detector tubes is calibrated for 68 °F and atmospheric
pressure. With the help of temperature correction table and pressure correction equation, the H2S
concentration is measured.
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8.1.3

Gas Chromatography

Gas chromatography is a method of separating a component that depends upon solubilities in a
stationary bed of material. When the sample is a gas, then the technique is called gas-solid or gas-liquid
chromatography, depending on whether the stationary phase is a solid or a liquid. The sample of gas is
introduced into the carrier gas, which flows through the chromatographic system [3]. Upon separation
by the stationary phase, the sample components travel through the system at different speeds, entering a
detector, where individual components are identified. The instrument, which identifies them, is known
as mass spectrometers, and these instruments are reliable, accurate, fast responsive, and durable. The
probes are made of fiber optics, and they are known as in-situ probe or flow cell [3]. The schematic
view of GC is shown in Figure 8.1.3 [3].
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Chapter 9
Design Consideration
The types of equipment and the methods for designing them in amine systems are:

9.1 Amine Absorber
The amine absorber is either a packed tower, or a tray tower. It normally contains 20-24 trays made of
stainless steel. Koren et al. (2002) suggested that the number of trays in the packed towers depends
upon the concentration of the solution and the loading. The amine solution enters from the top of the
tower and flows across the tray and over a weir, before flowing onto the next tray, below. The gas that
enters the tower from the bottom, bubbles through the liquid, and creates a froth, which is separated
from the gas before it reaches the next tray. The schematic diagram of amine absorber is shown in
Figure 9.1.

MEA
Inlet

Course 6

Course 5
Course 4
Course 3

Course 2

Course 1

Figure 9.1: Diagram of Amine Absorber (modified) (Steven M, 2003)
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9.2 Amine Reboiler
The amine reboiler provides the heat input to an amine stripper, and drives off the acid gases. It is of
two types: kettle type, and indirect fired heater type. The schematic diagram of kettle type is shown in
Figure 9.2.1, and that of Indirect fired heater is shown in Figure 9.2.2. Arnold et al. (1989) suggested
that the heat duty of the amine reboiler depends on the design of the system. In general, if the reboiler
duty, overhead condenser duty, and the reflux ratio are high, then require less number of trays but, if the
reboiler duty, condenser duty, and the reflux ratio are low, then more number of trays are required [10].
The reboiler normally works at: temperature in a stripper is 240-245 °F for 20% MEA, 245-250 °F for
35% DEA, and pressure in the stripper is 7-12 psig for both the cases [10]. The reboiler duties typically
for a stripper with 20 trays are as follows [10]:
MEA system - 950 to 1250 Btu/gal lean solution, and
DEA system -850 to 1050 Btu/gal lean solution.

Reboiler Duty: The reboiler duty is (Arnold, 1989):
1. to vaporize the reflux,
2. to heat the makeup water,
3. to bring the acid amine solution to the boiling point, and
4. to break the chemical bonds between the amine and acid gases (Jones, 1973).
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9.3

Amine Stripper

The amine stripper uses steam to reverse the chemical reactions with CO2 and H2S. The steam acts as a
stripping gas to remove C0 2 and H2S from the liquid solution, and carry these gases to the overhead.
Maddox et al. (1998) informed that the stripper is a tray tower or a packed tower, and operates in the
range of 10-15 psig with 20 trays, a reboiler and an overhead condenser. The process flow scheme of
amine stripper is shown in Figure 9.3. The rich amine feed is introduced from the top-3rd or 4th tray,
and the lean amine is removed at the bottom of the stripper, whereas, acid gases are removed from the
top. The liquid flow rates are higher at the bottom, and these rates in combination with water, provide
the steam generated by the reboiler. If the temperature, pressure and the lean-amine circulation rate are
known, the amount of steam generated can be calculated very easily. The vapor flow rate within the
tower is recorded at both the inlet and outlet of the stripper. The vapor rate equals the amount of steam
generated in the reboiler at the bottom of the tower, and the vapor rate equals the steam rate overhead,
plus the acid gas rate at the top.
H2S+CO2+ H C

i

Steam+ H2S4CO2+ HC

Rich Solutions
External reflux

Reflux Drum

Steam condensed to provide sensible
heat to Rich Solution
Steam Condensedto reverse Heat of Reaction
Fallinq Liquids
Amine Solution

Water Make-up

Rising Vapours,Mainly Steam
•4
A.
Reboiler

v V

Steam

^

1-/-"-*-"

Lean Solution

Figure 9.3: Energy change and steam flow in a stripper (modified) (Maddox R, 1998)

Heat

li
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9.4

Amine Flash Tank

The purpose of the amine flash tank is to remove solubles and entrained hydrocarbons from the amine
solution. Stewart et al. (1994) suggested that it is operated between a pressure range of 15 psig to 20 psig,
in order to maximize the hydrocarbon recovery. The schematic diagram of flash tank is shown in Figure
9.4. The removal of hydrocarbons reduces the amine solution foaming potential. Normal operating pressure
ranges from 5 psig to 75 psig. The hydrocarbon gases are flashed in the flash tank, an absorber with 4 to
6 trays, or an equivalent amount of packing is installed on the top of the flash tank. Lean amine is fed
into the absorber to remove H2S and CO2 from the hydrocarbon flash tank, prior to going into the fuel
gas system. The flash tank has an internal baffle system, as shown in Figure 9.4. The minimum design
residence time for a three-phase flash tank is 20 minutes. Amine systems treating natural gas or gas
streams with less C2+ content can have a residence time of 5 minutes, if a flash tank is in the amine
process loop.

i
3 PHASE IN

I

VAPOR OUT
•

OIL OUT
Banc DRMO

Figure 9.4: Diagram of Amine Flash Tank with internal Baffles box (Steven M, 2003)

9.5

Design calculations of a gas sweetening unit

Refer to appendix - A. 1 for complete amine gas-sweetening plant

9.6

HYSYS CASE FOR DEA PLANT

Refer to appendix - A.2 for complete HYSYS case for DEA plant

£ M I N E OUT
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9.7

Justification for choosing DEA - Amine base process for HYSYS

Chemical solvent type process - Diethanolamine (DEA) amine base process was chosen in the project
of M.Eng. (Petroleum Engineering) to determine and establish the operating conditions at which, both
H2S and CO2 are removed from the natural fuel gas, and meet the stringent regulatory emission and
environment norms. Ebenezer et al. (2005) highlighted some of the conditions that were used to run the
simulation package for DEA process:
•

The feed gas has the following: 10 MMSCFD, H2S -9.8%, C 0 2 - 1.7%, Pressure- 1000 psig,
Temperature- 77 °F along with other high hydrocarbon contents. DEA process is considered to
be more suitable and ideal,

•

The solvent - diethanolamine (DEA) is chemically stable, as DEA can be heated to its normal
boiling point (516 °F at 760 mmHg) before decomposition,

•

Reduce the solvent degradation during regeneration; reduce solvent losses and accumulation
within the equipment and entire process loop,

•

The heat of reaction for DEA with CO2 is 653 Btu/lb, which is about 25% less than for MEA
and other amines. The heat of reaction of DEA with H2S is 511 Btu/lb. The heat generation in
absorber is low, which in turn, increases the solvent loading capacity in the absorber, as the
solubility and loading of C 0 2 increases at low temperature,

•

The recovery of C 0 2 from chemical solvent type process - Diethanolamine (DEA) process can
be as high as 98% and the purity can be in excess of 99%. Chemical solvent type process Diethanolamine is more efficient for natural fuel gas having high or low partial pressure, and
relatively high partial pressure acid gas product, as shown in Figure 10.2.

Partial Pressure Acid aas - Product fesial

Figure 9.7.1: Process Capabilities for gas treating process (Ebenezer S, 2005)
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10 Summary and Conclusions
The natural gas obtained from a reservoir is either sweet or sour. Sweet natural gas has a very small
quantity or no hydrogen sulfide (H2S) content. If the natural gas contains contaminants, such as
hydrogen sulfide (H2S), carbonyl sulfide (COS), mercaptans (acid gas), or carbon dioxide (C02), the
natural gas is considered to be sour. Sour natural gas creates unacceptable levels of sulfur emissions in
power applications, and it poisons or deactivates catalysts in refinery and gas-treating operations. Sour
natural gas must be sweetened by reducing sulfur contaminants to less than 300 ppm for the power
generation industry (turbines) and considerably lower (<1 ppmw) for the synthesis of methanol,
ammonia, and Fischer-Tropsch (FT) liquids. The process of removing H2S from sour gas is known as
gas sweetening, and these processes are industry "best practices," which meet very stringent
environmental regulations. The ultimate goal of this Master's project is to present the latest
developments on natural gas sweetening, using three types of removal technologies: chemical, physical,
and hybrid solvents.

In addition to amine solutions (MEA, DEA, DGA, DIPA, and MDEA), physical solvents, such as
DEPG (Selexol®), N-methyl-2-Pyrrolidone (Purisol®), methanol (Rectisol®), and 1,2-propylene
carbonate (FLUOR solvent), are also rapidly gaining popularity as gas treating solvents because of their
strong process capabilities for coal gasification applications. Physical solvents are preferred over
chemical solvents: (1) if the partial pressures of natural gas are high, since higher partial pressure
increases the C0 2 loading capacity; (2) if the concentration of acid gases is very high; and (3) if there is
a requirement to treat and dehydrate gas simultaneously. The best-known example in this case is the
Molecular Sieve process. For gas-sweetening applications in which the natural gas contains heavy
hydrocarbons, has a low H2S/C02 ratio, low-pressure (<500 psig) system, and low sulfur requirements,
chemical solvents, such as amine solutions, are preferred.
The cost of chemical solvent processes is approximately 10-15% higher than physical solvent processes,
but the capital cost requirements are almost the same, with the exception of the Claus process, in which
the tail gas cleaning unit (TGCU) add additional cost. In spite of their higher operating costs, chemical
solvent (amine solutions) processes are more popular and accepted in the gas-treating industry. The
reason for this is the capability of regenerating chemical solvents at low temperatures (240-245 °F) and
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pressures (7-12 psig), their lower heat of reaction, better removal efficiencies, and lower operating
costs. Also, chemical solvents contain additional activators and inhibitors to enhance mass transfer and
regulate corrosion.
Hybrid solvent processes such as the Sulfinol®-D process, use a mixture of MDEA, water, and sulfolane
(C4H8O2S), and hybrid (or mixed) amine processes typically use mixtures of MDEA and DEA or MEA.
Hybrid solvents enhance H2S and CO2 removal efficiency and increase concentration and stability while
retaining the outstanding capabilities of MDEA, such as low heat of reaction and the capability to
minimize corrosion. Hybrid solvents incur as high as 10% more operating costs than individual amines
or physical solvents, but the capital cost of the Sulfinol®-D process is less than the cost for
alkanolamines processes and physical solvent processes for the same capacity, because the equipment
can be smaller in size due to less foaming and lower circulation rates.
The entire process of selecting the right solvent for specific applications is very important, both from
operational and economic standpoints. The use of the right solvent for a gas-sweetening application
lowers the solvent circulation rates, which in turn, reduces the capital cost and the operating costs
significantly, as circulation rate and the solvent working capacity are correlated to each other. The
ultimate goal of gas sweetening is to produce specification-quality product, as economically as possible.

Concluding, natural gas sweetening was the first global application of a capture and storage technology
of its kind. It is definitely a very promising technology to reduce and control emissions, which will
contribute to the reduction of greenhouse gas emissions in the future.
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Appendix - A
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A.l

DESIGN CALCULATIONS OF A GAS SWEETENING UNIT

A.l.l

Amine Plant - Design Calculations

Sour fuel gas
Vol%
MPH
38.8
426.02
6.6
72.47
0.8
8.78
1.7
18.67
9.8
107.60
12.7
139.45
10.7
117.49
3.2
35.14
8.4
92.23
4.5
49.41
2.8
30.74
100
1098

H2
N2
CO

co2
H2S
CI
C2
C2'
C3
C3*
C4+

H20

Sweet fuel gas
Vol%
MPH lb/hr
43.5
426.02
6.8
72.47
1
8.78

lb/hr

820
3619

-

21836

Assume gas to be dry

11,000
458333
70-80
70

MSCFD
SCFH
Pressure
Temperature

-

14.65
12.75
4.5
7.8
3.9
3.4
98.3

139.45
117.49
35.14
92.23
49.41
30.74
971.73 17430

1.7
100

12.8
230
984.53 17660

MSCFD
SCFH
Pressure
Temperature

Psig

°F

9890
412083
70
100

Vapor pressure ofH 2 0 @ 100 °F = 0.95 psi
100X0.95/75 == 1.3%ofH 2 0

Acid gas -- Pick up
Fuel gas
MPH
lb/hr
18.666
817
co2
107.604
H2S
3657
126.27

55 gpm side stream
MPH
lb/hr
-

6.5

4474

221

Total
MPH
lb/hr
18.666
817
114.104
3885
132.77

4702

Circulation Rate:
gpm=

0.206 x MM x (H.S +CO?) x MWT
MLxWT

A good approximation is to calculate the amine rate required to remove all the H2S and half C0 2 .

°F
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Where MM = Gas flow in MMSCFD,
H2S = mol%ofH 2 S,
C 0 2 = mol%ofC0 2 ,
MWT = molecular weight of DEA =105.14,
ML = mol loading, moles acid gas/mole,
WT = amine solution weight percent calculated,
Circulation of DEA, gpm = 0.206 x 0.1 x (1.7 +9.8^) x 105.14 = 417.91 US gpm = 418 US gpm
0.298 x 0.2
Here the value of ML is taken to be 0.298 because the gas has higher pressure (> 500 psig).
DEA Circulation
Use 3.35 moles DEA/mole acid gas or 0.298 mole acid gas/mole of DEA
for fuel gas absorber
Use 55 gpm as side stream for off plot LPG treater
Acid Gas
DEA
DEA
MPH
MPH
lb/hr
Absorber
126.27
350
36,800
Side Stream: 55 gpm x 60min. X 8.541 lb/gal =

20% DEA
lb/hr
184,000
28185.3
212,185

lb/hr of lean 20 wt% DEA

Rich Solution — Bottom of
Absorber
lb/hr
Lean solution
212,185
lb acid gas fuel gas
0
lb acid gas LPG
221
212406.3
240
Less H 2 0 Loss
lb/hr, Rich solution
212166.3
Heat of reaction of acid gas
H2S

co2

3885 lb/hr x 517 Btu/lb =
817 lb/hr x 657 Btu/lb =

Sensible heat out with the fuel gas
21218.5 lb/hr x(l00-70) °F x 0.7 Btu/lb = 446 MBtu/hr

2008
537
2545

MBtu/hr
MBtu/hr
MBtu/hr
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Absorber Heat Balance
Sensible heat out with acid gas
4941 lb/hrx 100-70x0.27 =
4941 lb/hrx 110-100x0.68

40 MBtu/hr
33.5 MBtu/hr
73.50 MBtu/hr

Sensible heat out with H2O vapor
240 lb/hr x 1180-67 = 267 MBtu/hr
2562
AT=

MBtu/hr - 446 - 70 - 267
1779000
212185 x 0.94 Btu/lb

=
=

1779 MBtu/hr
9°F

Or
100 + 9= 109 °F
Because of the long distance from Absorber, a 35% heat losses have been taken
1779 MBtu/hr - 0.35 (2562) = 882 MBtu/hr
AT rich solution =
882300 Btu
212185x0.94 Btu/lb
Or

100+ 4.5 = 104.5 °F
Rich solution at exchanger

Rich - Lean Exchanger
Fixed:

246 °F
104.5 °F
48 °F

Lean Solution IN
Rich solution IN
Cold Approach

Lean solution out = 104.5 + 48 = 152.5 °F
AT lean solution, 246-152.5 = 93.5 °F
Duty

=

212185 x 93.5 x 0.94
1000
18648.93965 MBtu/hr

Temperature of Rich solution " OUT "
18648939 Btu/hr
(494lx0.67)+2122185 x 0.94
Or 104.5 + 9 2 °F
= 196.5 °F

92.0 °F

=

4.5 °F

Amine Cooler
Lean Solution (IN ),
Lean Solution (Out),
AT
Duty = 212185 lb/hr x 0.93 Btu/lb °F x 52.5 °F =

152.5°F
100 °F
52.5 °F
10359.93 MBtu/hr

Amine Regenerator
Steam to Reboiler @ 1.22 lb of steam/gal of solution
r 186489 lb/hr+ 55x60 1x1.22 = 27113 lb/hr of steam
8.54
Heat Balance
1. Reboiler,
27113 x f l 179.7 -261.4) =
24898
1000
2. Desorb Acid gas,
517x4941 + 653x870 =
-3123
1000
3. Heat Lean Solution,
(246 - 197) x 212185x0.95 =
- 9877
1000
4. Cool Dissolved acid gas.
( 197-115) x 4941x0.67
271
5. Vaporize water to saturated acid gas.
197°F,liq.
- 184
194 lbx(1110-164) =
11985
11,985 MBtu/hr duty regenerator condenser

MBtu/hr

MBtu/hr

MBtu/hr

MBtu/hr

MBtu/hr
MBtu/hr

Condenser Heat Balance for Overhead Temperature
Let us assume 225 °F IN and 115 °F OUT
Sensible heat
MBtu/hr
Duty
lb/hr
Cp
121
Acid gas
4941
0.25
195
0.45
10
H20
5136
131

*

MPH
131
11.2
142.2

Duty to Condensate H2O
11,985 MBtu/hr -131 = 11854 MBtu/hr
l\t\

ZZD f vapor

1150-82 =1068 Btu/lb

115 Fliq.

115 f,vapor
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Water Condensate
11854000 = 11099 lb of water
1068
11099
18.02
195
18.02

= 616 MPH water condensate
=

10.8 water vapor
626.8
131
757.8

Total
Vapor Pressure of H2O

626.8x22.7 =18.8osi
757.8

=>

Re-boiler Balance
Duty =
20,500 MBtu/hr
?46°F liq
»
AH =950.6

MPH of water condensate
Acid gas

246 °F, vapor

26192 lb/hr

24898000 =
950.6

212,185
26192
238,377 lb/hr solution to Reboiler
Area of down comer

418
:

2.74 ft2

3

0.34 ft/sec x (7.48 gal/ft x 60 sec/min)
Total required tower area = (8.9 + 2.74+ 2.74) x 1.15 = 16.5 ft2
Area = 16.5 ft2 OR

% r2 = 16.5 OR

r = 2.291 ft, D = 4.58 ft

Or Diameter = 55 inches

Uai = K (pL/Pg05)05 =0.25(63.3/0.245 ° 5 ) 0 5 = 2.82 ft/sec
P L = 63.3 lb/ft3,

pQ

= 0.245 lb/ft 3 , T = 70 °F = 530 °R, M = 16 for CH 4 (Natural gas containing CH4)

Actual volumetric flow = 25.11 ft3 /sec, Bubbling Area = 25.112 / 2.82 = 8.9 ft2
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Weir length is 0.7 times the tower diameter is an assumption which is satisfactory for calculations.
Weir length = 0.7 x 55 inches = 38.5 inches, Mass flow rate, m* = 21266.3 lb/hr and ^ L = 63.3 lb/ft3,
Thus, QL= 21266.3 / 63.3 = 335.96 ft3/hr = 418 US gpm, (1 US gpm = 0.0022 ft3/sec),
=> QL = 418 USgpm = 0.91 ft3/sec
Down comer velocity = QflOW/Area of down comer = 0.919 / 2.74 = 0.33 ft/sec
A v = Area - 2( down comer area) = 16.5 - 2(2.74) = 11.02 ft2
gpm / In Weir = 418 / 38.5 = 10.86, As how = 0.48( gpm/L)067 , L = Weir length in tubes
how = 0.48( 418/ 0.7 x 55 inches) ° 67 = 2.37 inches,
Standard weir height used by manufacturers is 2.0"for a totalfroth depth of 3.1" at the tray outlet.
Absorber
Vapor
104.5 °F& 70 psig

21836 lb/hr

Liquid
212166.3 lb/hr

3

p g = 0.245 lb/ft
C=

= 21836

WV
A v x[p g (p L -pg)]° 5

3.9 Av

418 GPM
3

p L = 63.3 lb/ft
= 5599 =
Av

5599
11.02

= 508

D/A

"X"

Weir

DC Area

Av

GPM/In
Weir

inches
55

Area, ft2
16.5

Length, inch
38.5

ft2
2.74

ft2
11.02

10.86

C

C flood @ 24" Tray

Down Comer

Spacing

Velocity, ft/sec.

1044

0.335

508

KO drum in base of Absorber
G = 3600 K [pv(pL -pv)/pv] 0 5
G = 3600 x 3.95 K
K
K

G = 21836 / 16.5 = 1323.39 lb/ft2 sec

5

G
14,200
1323.39 =
14,220

0.093, would be or without wire mesh.
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Amine Regeneration
Vapor
Vapor @bottom, 27113 lb/hr
246 °F,
3
ft = 0.0667 lb/ft

c

28.5 psia

MW

27113/2.01 Av

= 13489.05/Av

13489.05/15.73

= 857.53

18

Liquid
238377 lb/hr
473 GPM
246 °F
1.0846 ft3/sec
pL = 60.3 lb/ft3

= wv

Av [pv(pL -pv)/pv ] ° 5
C =
Diameter

X
Area
ft2
20.96
Down comer
Velocity,
ft/sec
0.414

Inches
62
Cflood

@ 30" Spacing
1310

Weir
Length
Inches
43.4

Reflux Drum
32 inches I.D.
Vapor M. Wt. = 34.1
pg = 0.0667 lb/ft3
G = 3600 K [pv(pL -pv)/pv ] 0.5
G = 3600 x 2.69 x K
K = 984/9684 = 0.102

Down
comer
Area
ft2
2.615

Bubbling Area x Froth Depth x Froth Gravity
Liquid Flow Rate

CLRT

=

9.165 x ( 3.1/12) x 0.3
=
418/(7.48x60)

CLRT - Clear Liquid Residence Time

0.762 seconds,

C

11.35

857

Pressure
7.5 psig

X area = 49 ft2
G = 4822/ 4.9
G = 984 lb/ft2 hr

pL = 61.1 lb/ft3

The tray residence time is the time for which the amine solution stays on the tray.
=

ft2
15.73

GPM
/IN
Weir

Temperature
115 °F

Tray Residence Time:

CLRT

Av

T-tOUlO C H S T f t l M l T t O N
ZONI

HJOTLBT
WEIH

^ * «sa» ^ > «^s, * ^
PCflJ4>MK*V W A S T A O f
A C T I V E BfUBBt-tNQ
OUTLET

n>ENg*aiNi)

S O W M C O M G R TO
KltXT Tl**V

Figure A.1.1: Typical contractor tray arrangement (Christina D, 1987)

Sulphur Plant Heat Balance
Acid gas feed @ 120 °F
Air@100°F
Combustion
H2S

222.5x41.27
613x1.5x1/2
22 x 120

C2H6

Sulfur reaction

=

MBtu/hr
80
95
9180
460
2640
12455

Heat Out
Tail gas @ 280 °F
Sulfur
Duty by difference

710
355
12225
13290

Reaction Furnace

Duty
MBtu/hr
9430

1st condenser
2 nd condenser

1310
896

6%
Heat loss
xO.94

x 0.94
x 0.94
11636

MBtu/hr

MBtu/hr
8864
1230
842
0

Steam Production : 175 psig
Duty: 10,890 MBtu/hr
Assume 5% blow down and 140 °F feed water
0.95 ( 1198 - 206) X +0.05 ( 3 5 5 - 206) X = 10,890,000
942.5 X + 7.45 X =
10,890,000
11,464 lb/hr feed water
X=
0.95 x 11,464 = 10,890.8 lb/hr steam
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94
9425

122
60

5300

TdegF
Qm Btu/hr

Ib/hr

100

Liquid S
Total MPH
320.7

2.1

1.3

CjHe

154.5

16.5

13.9

253.7

k

S4
S6
S8
C02

68.25

02

;

12235

12245

2355

1495

408.65

625

1

19.85

0.65
3.55
4.75

235.35

127.85

5.45

11.2

MPH

485

321.27

20.15

0.05
0.95
2.12

244.5

10.3.55

13.5

35.25

MPH

H20

7.9

4

1st converter
Inlet
Outlet

3

18.25
6.75

Mol%

122.il

MPH

MPH

Acid

76.9

2
Air

1
Gas

S02

H2S

Stream No.

'

1265
11565
1026

10547

430.6

410

\

20.85

0.48
1.15

253.52

432

73.5

42.15

1.25

17.95

1135

I

6.75

1.5
135.1

12.75

MPH

MPH
3.1
7.55

7

11665

1575

495

417.93

10.85

0.02
1.06
2.25

253.5

144

2.1

4.15

MPH

2nd converter
Inlet
Outlet

6

340
860

399.33

19.85

0.6

0.18

235.45

127.45

5.25

10.55

MPH

Condenser Hot bypass
Outlet

5

Material and heat balance for sulphur recovery plant

10945

282
695

425.275

20.85

0.025
0.05

253.6

144.5

2.15

MPH
4.1

Tail Gas

3

92

10

1375

402
145

5.45
5.45

MPH

1680

342
145

6.75
6.75

MPH

11

12

13

14

292
62
732

2.95
2.95

2335
11195

242

385
204
575

12775
10665

380

Boiler Bow down 175 psig
Feedwatei
Steam
lb.hr
MPH
Ib/hr
Ib/hr

Condensed Sulfur

9
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A.2 HYSYS CASE - DEA process
A.2.1

Procedure for H Y S Y S simulation: Following steps are required to carry out HYSYS

simulation for amine sweetening process using chemical solvent - Diethanol amine (DEA).
Step I : Selection of fluid package - Amine fluid package.

jalzj

Fluid Package: Basis-1
Property Package Selectiorr

•Thermodynamic Models for Aqueous Amine Solutions—1

-Property Package Filter—
(*" All Types
r EOSs
C Activity Models
C ChaoSeader Models
C Vapour Press Models
C Miscellaneous Types

Antoine
ASME Steam
Aspen Properties
BraunKIO
BWRS
ChaoSeader
Chien Null
Clean Fuels Pkg
COMThermoPkg

d

C Kent-Eisenberg
(• ILi-Matfien
I !

i I

•Vapor Phase Modelr ideal
(* Non-Ideal

Launch Property Wizard.

-Component List Selection™
| Component List -1
Set Up
Delete

zl

J!

View..

Parameters j Binary Coeffs j Stablest j Phase Order j Runs j Tabular j Motes J
j Name J Basis-1

Property Pkg

Edit Properties

Figure A.2.1.1: Basis for fluid package (amine fluid package)
Step II: Selection of components of a sour gas
Jafxji
AtM Component
H

Compors-fr

' TfMi' ona1
,•• Hypot!wM:c
L
Other

r Selected Components-

Components Avaflable in the Component Library-

m?

Match

Nit'ogen
M-thane
Ethane
p
rr-pane
'•Butane
••-Butane
!* -cntane
r-s-exarte
DEAmine
H2G

|H2

View Filters

C Sim Name

"Jdjj^e j |
'.•SubsKu:e->

|

^.oir Lin

|

s^e'/y Ccwpon^nt I

(•

Delete

|

H2S
H2S
H2S04
2-Heptanol
12-Hexdiens
CetylClcryla
CeljClcryle
Gaprolactam
14-CC6DiC1ol
Caprotactam
Di2C2CSAdipa
2E C6oteAcid

H2S
H2S
h2s
H2S
H2S04
H2S04
Heptanol-2
C7H1BQ
Hexa-1.2-Diene
C6H10
Hexad«can<s^2-MethyLPropenoic_Acid C20H38O2
HexadecyL2-Methyl-2-Propenoate C20H38D2
Hexahydro-2*zepinone
CBH11N0
Hexabydro-2-Oxo-1,4 Cyclohexanedimethanol
C(
Hexahydro-2HAzepin-2-one
C6H11N0
Hexanedkn'c Acid_bis|2-Ethylhexyl)ester C22H4204
, |
Hexanoic Acid. 2-EthulC8H1602
Zi i

j Component List -1

Figure A.2.1.2: Sour gas components

H2
H2

H2

]
Name

C Formula

Hydrogen
HuT

p* Show Synonyms
Selected I Component by Type

Full Name / Synonym

P

Cluster
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Step III: Simulation Environment Set up: The third step is to set up simulation environment where
the entire process loop is established. The process flow diagram (PFD) of DEA amine gas sweetening
(un-converged) is shown in Figure 10.3.

Figure A.2.1.3: Un-converged amine simulation (DEA gas sweetening process)
Step IV: Process Simulation: In this step, all the process parameters, conditions (blue in color) are
provided and the remaining parameters (black in color) are calculated by HYSYS. This is done for all
the streams as shown in Figures 10.4, 10.5 and 10.6.
|

*-»IMII

Worksheet
Conditions
— • Composition
K Value
•••• User Variables
•— Notes
•'— Cost Parameters

Stream Name
Vapour / Phase Fraction
Temperature [C]
Pressure [kPa]
Molar R o w [kgmole/h]
Mass Flow [ k g / h ]
Std Ideal Liq Vol Flow [m3/h]
Molar Enthalpy [kJ/kgrnole]
Molar Entropy [kJ/kgmole-C]
Heat"Flow [ k j / h j " " " "
"
Liq Vol Flow @ S t d C o n d "[m3/h]
Fluid P a c k a g e

.iJ._J

Delete

ll

J

"

Sour Gas
0.9909
30.00
G895
1245
2.420e+004 —
G9.G4
1.371e+004
191.2
1.707e+007
<empty>
Basis-1

"

" W o r k s h e e t | Att achments

f

- J JaJj<J

K 8 *

i I.I-S.

J Dynamics

|

Define from Other Stream...

Figure A.2.1.4: Specifications of sour gas
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HBHBMSHJHSffl
File

•

Edit

QQQj£

simulation

Flowsheet

Tools

Window

-letxf

Help

Envwonment: Case (Main)
Mode: Steady State

,>HiC'iii»&!i=>o'iy!;«--«'!A
Column Name |DEA Contactor

Design

Sub-Flowsheet Tag JC0L2

OghdVapouf Outlet

Connection*

"3

f Sweet Gas

Monitor
Specs

Top stage inlet

Specs Summary

|DEAtoContactor

3

,

Subcoofing
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Notes

Optional Side D r a w
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Bottom Stage Inlet
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1
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jRich DEA
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D elete
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Optional Info 14 •• Unknown Temperature
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A math Overflow e r r o r h a s o c c u r r e d .

[Saving case H: \D0CUME~l\vsehgal\L0CALS~l\Temp\2d\Aut.oRecovery
save of GAS SWEETENING (0x90184) 2 . a h c . . .
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Figure A.2.1.5: Converged amine contactor (absorber)
»| File

Edit

Simulation

Flowsheet

Tools

Window

.lr?|x|

Help
Environment: Case [Main}
Mode: Steady State

D :•> a | C a n gs \\=z>Cr.\#>
Column JJame (REGENERATOR

Design

r-Conrjenser

&ub-Fc<v;hee-Toc |C0L1

j r

Connections

3 "*•

jCOND Q

Specs

1
<~ Partial

<• Full Reflux

i»

Condenser Enetgnj Stream

Monitor

Total

Specs Summary
Subc ooling

^r^$

Delta P

JAcid gas

"~3

Oyhd Vapour Outlet

Notes
Injet Streams

Inlet Stoqe
4_Mair

iRegenfjg£__
« Stream >;

...
Stage Numbe'mg
(* T o p D c w i

C BoHcmL'p

Ed- T-oy?

|

" Design [ Parameters J o i d e C p s X p ^ i ^ j j W c i i h e e i | Performance ] Flowsheet Ijjeactions^J Dynamics J
Delete

j

Column Environment...

j

Ryn

|

Beset

|

g H H H H H H H H H !

Required Info . E-100 -- Requites an energy stream
Optional Info : E-100 -- Not Solved
Warning . Water Make up -- Property Package Ranges Exceeded - Details in Trace Window
Optional Info : 14 - Unknown Compositions
Optional Info ; 14 - Unknown Temperature
Optional Info ; 14 •- Unknown Pressure

1

f 7 Update Outlets f

EwSJl

A math Overflow error has occurred.
Saving case M:\D0CUME~l\vsehgal\L0CALS~l\Temp\2d\AutoRecovery
save of GAS SWEETENING (0x90184) 2.ahc

\+t+

Figure A.2.1.6: Converged amine regeneration tower
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Step V: Converged Simulation Environment: As soon as the amine contactor (absorber) and amine
regenerator are converged the whole process loop of DEA gas sweetening process is converged as
shown in Figure 10.7.

Figure A.2.1.7: Converged simulation environment of DEA process loop
The spreadsheet variables are shown in Figure A.2.1.8.

JnJi<l

I Regenerator
S preadsheet N ame R egenerator
-Imported VariablesCell
A1
A2
A3
A4

Object
RblrQ
Amine Acid Gas
Rich Amine
Lean Amine

Variable Description
Heat Flow
Std Gas Flow
Master Comp Mass Frac (H2S)
Master Comp Mass Frac (H2S)

Edit Import..
A.dd Import..
Delete Import

-Exported VariablesCell

Object

Variable Description

Edi! Expuri..

|

Add Export...

|

Delete Enpor:
Connections
Delete

Parameters | Formulas | Spreadsheet j
I

Function Help...

Figure A.2.1.8: Spreadsheet variables

I

Calculation Order

Spreadsheet Onlij...

j

ps

j

|~" ijgnored
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.Jnj.xj

mm

Flowsheet Summary
-Flowsheet Wide BalancesC Flowsheet Wide Mass Balance

(» IFiowSheetWide Energy Balances

Refresh Scope Objects

-Flowsheet Wide Energy BalanceInlet Streams
i Counted
Q-101
17
Water Make up
F
PumpQ
F
Sour Gas
F

Total Flow of Inlet Streams

Energy Flow
1.431e+007kJ/h
-8.244e+007 kJ/r
3.S42e+007 kJ/h
1.707e+007kJ/h

j-1 4G4e+007 U/h

Outlet Streams
Counted
CONDQ
F
Acid gas
F
Sweet Gas
F
Q-103
F
Flash Vapor
F
FWKO-11
F

Energy Flow
6.619e+005kJ/h
8.955e+005 kJ/h
1.2G9e+007kJ/h
3.583e+007 kJ/h
3.979e+006 kJAi
8.704e+004 kJAi

T otal Flow of 0 utlet S treams

Imbalance = (Total Flow of Outlet Streams) • (Total Flow of Inlet Streams)
Unit Op Balance

6.878e+007 kJ/h

Relative Imbalance {%) = lmbalance/(Total Flow of Inlet Streams)" 100%

Navigator j Input Summary ]

Stream Diagnostics

Figure A.2.1.9: Mass/ Energy balance sheet

] Recycle/Adjusts

| Pressure Balances

5.413e+007 kJ /h

-469.77 Z

Mass/Energy Balance
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A.3 Amine Treater Water Balance: Calculation of water make up in m3/d [gallon/d]:
Case study of Enron Oil & Gas Ltd. - Offshore, Arabian Sea, India:
Plant designed to handle 10 MMSCFD of sour gas.
Make up Water
V

Gas Sweetening

our gas-10% (H2S +C02)
6

3

.283xl0 m /d, 120 °F, 1015 psig w
10 MMSCFD, 110 °F, 1000 psig)

Sweet gas (H2S +C0 2
120 °F, 1015 psig
(120 °F, 1000 psig)

Acid Gas (118°F) 21 psig
Solution (In S.I. Units ):
0.283 x 106 std m3/d x 1300 kg/106 = [(0.283 X 106 stdm3/d x 0.1) x 64000 kg/ 106] + [(0.283 x 106
stdm3/d x 0.9) x 1800 kg /10 6 ] + Make up
367.9

=1811.2+ 458.46 +make up

Make up = 1901.8 kg/d = 1.9 m3/d
Make up = 1.9 x 220 / 24 x 60 = 0.29 gal/min.
Make up = 0.3 gpm
In FPS system:
10 MMSCFD X 82 lb/MM = [(10 MMSCFD X 0.1) X 3500 lb/MM] + [(10 MMSCFD x 0.9) X105
lb/MM] + Make up
820 = 3500+945+Make up
Make up = 3625 lb/day
Make up = 3625/8.33 lb/gal = 435.17 gal/day = 0.30 gal/min.
Make up = 0.3 gpm

A.4 Expenses required for Amine plant
Table A.4: Expenses required to operate amine plant:
Basis: Treating plant with 1000 L/min circulation; treating (10 MMSCFD gas)
Cost Index : September 2008
#Mcf

$1000/Year

Operating Labor (5 @ 35000)

0.989

175

Supervision (1 @ 65000)

0.329

60

Employee benefits @ 35% payroll

0.461

84

Utilities

0.769

140

Chemicals and Supplies

0.351

64

Repair materials and labor

0.395

72

Direct Overhead @ 5% Investment

0.659

120

Corporate Overhead

0.467

85

Depreciation (10 year Straight Line)

1.098

200

Interest @ 14%, first year

1.868

340

Insurance and Taxes @ 2% Investments

0.274

50

7.66

13950

200

Amine
Circulation
rate
gal/min.

Amine
Circulation
rate
L/min.

opfoo

•200

]300
J4CD
J500
iBOO
P l a n t Cost, t h o u s a n d of dollars

Figure A.4: Cost of amine plant (Maddox R, 1998)
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A.5

Comparison of Economics

The comparison analysis has been taken for a plant designed for 10 MMSCFD of natural gas containing
C0 2 -1.7% and 9.8% of H2S. Gas pressure was 1000 psig and temperature of 100 °F. The C0 2 content
of the sweetened gas reduced to 2 vol% and the H2S content to less than 4 ppmv.

Table A.5.1: Summary of costs used in economic analysis
Steam

$4.5/1000 kg

Electricity

$0.05/kwh

Cooling water

$0.15/1000 gal

Process Water

$0.50/1000 gal

Gas Losses

$0.85/1000 SCF for synthesis gas
$0.60/1000 SCF for natural gas

Chemical Losses

Current prices

Operating Labor

Foreman, $25/hr, Operator $15/hr, plus 22% burden to cover
vacation, insurance and other benefits.

Maintenance

Annually 1-4% of plant investment, typically 60% for labor and
40% material.

Plant General

Annually 40% of total direct labor cost includes non-operating
services and personnel, up to and including plant manager.

On stream Time

360 days for all cases.

Table A.5.2: Summary of indirect costs used in economic analysis
Items

Indirect costs

Depreciation

Annually 10% of plant cost

Taxes and Insurance

Annually 2.5% of plant cost

Cost of Profit

Annually 25% of plant cost

Includes income tax, interest rate on capital, and net profit to justify owners for the project.
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A.5.3 Economic analysis - 1
A sour gas flowing at 10 MMSCFD contains 50 ppmv H2S. What is the cost of chemical in terms of
cost $ / MMSCF [$/per thousand SCF], to remove the Hydrogen sulfide (H2S) using an H2S scavenger
at a rate of 9.0 L/ppm H2S/106 (std) m3 [0.067 gallon/ppmH2S/MMSCF]. Cost of scavenger is $ 5.30/L.
Solution:
In SI systems: 50ppm H2S X 9 X L

X

$ 5.30
= $ 2385/106(std) m3gas

6

ppmH 2 SX10 (std)m

3

L

= $1598.50/day
In FPS system:
50ppmH 2 SX9

X

0.067gal

X

$20
= $ 67/MMSCF

ppm H2S X MMSCF

gal

= $1675/day

A.5.4 Economic analysis - II
An H2S scavenger chemical at a rate of 9.0 L/ppm H2S/106(std) m3 [0.067 gal/ppmH2S/MMSCF] is used
to remove H2S. What is the chemical cost in $/kg [$/lb] of sulfur removed? The scavenger estimated
cost is $5.30/L.
Solution:
In S.I system : $ 5.30 X 9.0 X L
= $35,105

106(std) m3

1 ppmH2S

X
23.64 (std) m3/ kmol

106 gas

32 KgS
X -—
kmol H2S

lppmH2S

32 kgS

= $35105.4/Tonne
In FPS system: $20 X 0.06 gal
= $15.87/lb S
MMSCFD
X
379 MMSCF/lbmol
= $35770.47/LTS

106gas

X
lbmol H2S
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Appendix - B
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B.l Debottleneck or Trouble shooting on Amine System
(Reference: Enron Oil & Gas Ltd.-Offshore-Bombay high, Arabian Sea, India)

A Report on the case analysis of ENRON OIL & GAS LTD.— OFFSHORE

Problems:

••• Amine system was not stabilized. Frequent shutting of the amine system was upsetting the
process and resulting in tremendous loss of DEA solvent.
*t* Frequent amine system tripping was not controlling the H2S content of the fuel gas. Sweetener
was being used frequently to provide sweet gas to the heater and the generator turbines during
the process startup, and whenever the amine system was upset.
••• Excessive amine (DEA solution) consumption rate.
Observations:

1. condensate was observed in the amine flash separator and reflux accumulator,
2. formation of foam in the amine contactor, filter separators and flash separator,
3. foaming was not controlled by antifoam (foam controller) injection,
4. level of amine in the amine still column was fluctuating and was not steady,
5. due to the condensate build up, level float in the amine flash separator was not sensing the level,
6. lack of continuous reflux from the reflux accumulator, and
7. outlet gas filter separator shows no level, but control valves found to be continuously opened.

Possible Causes: The possible causes for the gas sweetening system were:

1. continuous source of condensate present in the flash separator,
2. level control valve of the flash separator was not controlling the level properly and condensate
was getting carried over in the still column,
3. temperature in the flash separator was not getting maintained to break the foam,
4. heat medium flow in the re-boiler was resulting in water losses ; sudden boiling of the re-boiler
was upsetting the level of amine still column thus, flooding the reflux accumulator,
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5. enough condensate was not being flashed in the flash separator due to less temperature and high
pressure,
6. condensate was getting accumulated in the flash separator but not spilling into the bucket
automatically. Above all, the condensate was entering into the amine still with rich amine,
7. outlet filters were not sensing amine and condensate levels properly, resulting in
amine/condensate carry over in the glycol system. 5% to 6% of the amine was found in the
sample while draining the same in the closed drain line,
8. contactor gas outlet cooler knocks some condensate, which in turn gets collected in the filter
separators and then, gets into the flash separator,
9. pressure across the choke at the outlet of the filter separator causes the gas to condense and it
was a source of condensate in the flash separator,
10. no fix level was being maintained in the flash separator and the still column,
11. heat medium flow in the re-boiler was being set with only temperature as a reference, without
monitoring the reflux rate and actual amount of heat required, and
12. operated amine still column at 11 psi and reflux accumulator at 8 psi.
Assumption
It was assumed, that there would always be a continuous source of condensate for the amine flash
separator, and the presence of condensate in the flash separator could not be avoided. Thus, proper
flashing and skimming were recommended.
Following actions were recommended

1. flash out maximum amount of condensate from the flash condensate, amine flash separator, and
the reflux accumulator,
2. maintain proper temperature in all the flow streams,
3.

optimize heat medium flow rate throughout,

4. monitor closely and obtain fixed and steady amount of reflux from the reflux accumulator,
5. to protect the entry of condensate into the amine still column, drain the heavier fractions of
condensate from the flash separator continuously,
6. maintain fixed levels in the flash separator and the amine still column, and
7. obtain and maintain continuous liquid seal in the filter separator.
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Actions Taken

1. sample of condensate from the down stream of the filter separator was heated up to a
temperature of 284 °F. The condensate started to vaporize, and approximately 45% of the
condensate was vaporized when heated beyond 284 °F,
2. adjusted the flow stream temperature to raise the temperature to 140 °F of the flash separator and
pressure in the accumulator to 5 psig in steps,
3. reduced the pressure in the amine still to 8 psig and in the reflux accumulator to 5 psig,
4. reduced the pressure of amine flash separator from 80 psig to 67psig in steps, to allow maximum
condensate flashing in the amine flash separator,
5. increased the choke size from 8/64" to 12/64" in the outlet of the filter separator no. 1,
6. carried out the heat balance of the flow streams and found that the heat medium flow rate was
128 gpm at 410 °F, sufficient to boil off water to fetch 5 gpm reflux. Also, calibrated the flow
indicator control of the hot oil line,
7.

lowered the amine level in the amine flash separator from 3' to 2' 4 " below the weir level,

8. in order to have an automatic skimming of heavier fractions of condensate from the amine flash
separator, the level transmitter of the amine flash separator was converted to sense both the
amine level, and the condensate in the flash separator, and
9. set point of the level controller was readjusted.
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B.2 [General Theory Section]
Amine Acid Gas Chemistry: Chemical Reactions:
The reactions between amines and acid gases are as follows:
Ionization and hydrolysis of H2S and CO2:
H2S <=> H+1 + HS"1 <=> 2H+1 + S "2
C 0 2 + H 2 0 <=> FT + H C O 3 - <=> 2H+ + CO3"2
In the basic solutions, bisulfide and bicarbonate ions are as follows:
H2S +OH" 1 <=>HS_1 + H 2 0
C 0 2 + OHT <=> HCO3"1
The dissociation constants for H 2 S, HS"1 , C 0 2 and HCO3"1 are approximately 3(10 - 7 ), 10 _13 ,5 (10~ 7 )
and 6 (10 - 1 3 ), at 140 °F and by maintaining a pH level of 11 to 12.
RNH2, RRNH, and RR R N denote primary, secondary, and tertiary amines. With a primary amine,
RNH 2 +H + 1 <=> RNH3+1
The equilibrium constants for the simpler alkanolamines are high e.g.108. But, a high pH limits the
RNH 3 + concentration; so reactions with both amine species are likely.
Reactions with H 2 S, The addition compound between the protonated amine and bisulfide ion can be
formed by two parallel mechanisms:
RR'NH 2 + +HS~ <* RR'NH 2 .SH
RR'NH + H2S <=> RR'NH 2 .SH
The above reactions limit the formation of sulfide addition compounds:
2RR'NH 2 + S"2 o (RR'NH 2 ).S
Reactions with C 0 2 are as follows:
RR'R"NH + + H C 0 3 ~ <=> RR'R"NH.HC0 3
RR'R"N + H 2 0 + C 0 2 o RR'R"NH.HC0 3
Carbonates are formed by primary and secondary amines but not by tertiary amines:

RR'NH + C0 2 <=> RR'NCOOH
RR'NCOOH + RR'NH «• RR'NCOO^ + RR' NH

The instability of the carbonate anion is its tendency to hydrolyze:
2RR'NH + COz
o RR'NH2+ + RR'NCOO1
RR'NCOO1 + H 2 0 <^> RR'NH + HCO"1,

Chemistry of Acid Gas absorption - Kinetics

•

H2S Reaction
1. Type : Acid-Base
H2S + [Amine] o

•

Relative Kinetics: Instantaneous
[Amine ] + + HS"1

C 0 2 Reactions

1. Type Acid -Base

Relative Kinetics: Slow

C 0 2 + H 2 0 e;> H2C03
H 2 C 0 3 o H + + HC0' 3
H C O " 3 o H + + CO3
H + + [Amine] 0 [Amine] +
2 Type : Carbonate
C 0 2 + 2[Amine] «> [Amine] + + [ Amine COO -]

Relative Kinetics : Fast
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B.3 Laboratory Testing
B.3.1

Lab Testing - 1 : Amine Concentration (Weight Percent Content)

Agents: Distilled water,
0.5 Normal HCL, and
Bromo- Phenol Blue Indicator

Procedure:
Take 95 ml of distilled water in a 250 ml beaker. Pipette out 5 ml of lean amine into the distilled water
in a beaker. Add "Bromo-Phenol Blue Indicator" to the solution in the beaker. It changes the color to
blue. Make a 0.5 NHCL solution and fill it in the burette. Then, titrate with 0.5 NHCL until bluish tint
of the solution in the beaker changes to light yellow color, and if pH meter is available, then until a pH
of 4.5 is obtained as per Mcdermott et al. (1998).

Calculation: Percent = N x V x f / W
Where, f is the factor, which can be found in the factor section of this procedure.
N = Normality of the HCL,
V = Volume of HCL used to titrate the sample,
W = Weight of sample (as per above step), or if a more accurate answer is needed.
Determine the specific gravity of the sample,

Then W = (ml of sample X specific gravity).
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B.3.2 Lab Testing - II: Total acid Gas in Solution (Total Mole Loading)
Reagents: Methanol
0.5N Potassium Hydroxide (KOH)
Thymolphthalein Indicator

Procedure:

Take 125 ml of methanol in a 250 ml beaker. Turn on the pH meter and insert a pH meter probe into the
methanol. Fill the burette with 0.5 NKOH. Adjust the pH of the methanol to 11.2 by titrating with
0.5NKOH. If pH meter is not available, then add 5 drops of thymolphthalein into the beaker containing
125 ml of methanol. Pipette out 20 ml of lean amine sample (but if the sample is of rich amine then
pipette out 10 ml of sample) and add it into the beaker. Then, titrate with 0.5 N of KOH until bluish tint
is obtained or, if pH drops below a value of 11.2 as per Mcdermott et al. (1998).

Calculations:

Total acid gas,

moles AG

(V) (f) (N)

moleMDEA

(W) (X)

Where,
f = Factor,
V = ml of 0.5N KOH used in the titration in step 5,
N = Normality of KOH used in titration,
W = weight of sample or for more accurate answers, find the specific gravity of the sample and
then W = (ml sample)(Sp. Gr.), and
X = Weight percent (Concentration of amine in solution).

B.3.1 Lab Testing - III: Gas Chromatograph method
Gas chromatography is another reliable and efficient method to determine ppm level. It takes less
analysis time of 10 minutes, and has better reproducibility. The best feature of sampling online has
made it better than titration method, as it gives more accurate results as per Mcdermott et al. (1998).

1 Maddox, RN (1998)

Refractive Index, nD @68 °F
Flash point COC, °F
Vapor Pressure @37.8 °C[100 °F]
mmHg
Constants for Antoine Equation
A
B
C

Heat of Vaporization, Btu/lb
Heat of Reaction, kJ/kg[Btu/lb]of
Acid gas
Hydrogen sulfide
Carbon dioxide
Viscosity, cP

Formula
Molecular Weight
Boiling point @760mmHg,°C
Freezing Point, °C
Pressure, Mpa [psia]
Temperature, °C [°F]
Density® 20 °C, gm/cc
Weight lb/gal
Specific gravity, 20 °C/20 °C
Specific Heat @ 15.6 °C[60 °F]
kJ/(kg.K)[Btu/lb/°F]
Thermal Conductivity @20°C,
J/(s.cu.m.°C/m)[Btu/hr-ft.ft-°F/ft]

350 @ 68 °F
at 90% wt solution
1.48
280
0.058
8.12
2315.46
173.3

24.1 @68°F

1.05
8.02
1921.6
203.3

1.45
200

0.238[0.127]
288 @
73 mm Hg

9.66
4055.5
237.67

0.0063

931 [400]
1466[630]
1013@68°F
at 95%wt sol.
1.48
365

8.62
2721.1
249.54

0.16

1.46
260

1568[674]
1977 [850]
40@ 60 °F

0.227[0.121]
230 @
219.14 @ 760
760 mm Hg
mmHg

Triethanol
amine

9.87
3600.3
265.54

0.01

870 @ 86 °F
198@113°F
1.4542 @113 °F
255

185

16.23
7456.8
311.71

0.0061

1.47
-

101@20°C

233

Diglycol
Diisopropanol
MDEA
amine
amine
H(OC2H4)2
(HOC2H4)2NC
NH2
(HOC2H4)2NH
(HOC2H4)3N
(HOC3H6)2NH
3
105.14
148.19
105.14
133.19
119.17
269[516.21
360 [680]
221 [430]
248.7[479.7]
247.2[477]
28 [82.41
22.4[72.3]
- 12.5 [9.51
-21
42[107.61
3.27[474.7]
2.45[355] 3.77[547.11]
3.77[546.81
3.88[562.31
442[827.8]
514.3[957.7] 402.6[756.6]
399[750]
322[611.6]
1.124
0.99 @ 30 °C
1.095
1.0426
1.05@60°F
9.09 @60 °F
9.37@ 68 °F 8.82 @60 °F
1.0919(30°C/20°C]
1.05
0.98@45 °C/20 °C
1.12
2.51 [0.600]
2.39 [0.571]
2.9r0.691 @
2.9[0.70]
30°C [86 °F]

Diethanol
amine

0.277[0.148]
355 @
760 mmHg

HOC2H4NH2
61.08
170.5[338.9]
10.5
5.98[8681
350[662]
1.018
8.48 @ 60 °F
1.02
2.55[0.608] @
20°C [68 °F]

Monoethanol
amine

Physical Properties for the Ethanolamines

Table B.4: Physical Properties for the Ethanolamines1
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Table B.5: Physical properties of physical solvent processes
Process Name
YiscuMt} at 25''C (cl'j
Spec!lie (ira\ U\ at 25 ~C <ku'm' 3)
Molecular Weinht
Vapor Pressure ui 25"C (mmi Is.'.*

Sclcxol or
C oasial ACiR
5.8
1030
2X0

I-'rce/iiiii Point (''•(.')
Boiling Point
at 760 intii lit: ( ; C )
Ihermai (.'orulucth it\ (Hiu/lir*TtsSl"-1- >
Maximum OpLTiuinu Tempera lure C O
Spccilie Heat 25 ; (.'
CO.- Sokihilin fit 3''U.S. .-all at 25-('

Pluor
Solvent
3,0

0.0007.*
-28
275

1 1^5
102
0.085
-48
240

0.M
175
0.-N
0.185

0.12
65
0.33V)
0.455

Purtsol

Recti sol

1.65
i 027

(5.6
785
32

99
0,-10
-24
2()2

1:25
-92
65

0.095
-

0.122
-

0,10
0,177

0.566
0.125

1 Kohl, A (1997)

Table B.6: Toxicity of gas sweetening chemicals'
Chemicals
MEA
DEA
DGA
DIPA
MDEA

TOXICITY
Toxicity by ingestion - grade 2
Toxicity by ingestion - grade 2
Toxic by exposure -grade 2
Toxicity by ingestion - grade-2
Toxicity by ingestion - grade-2

Toxicity by ingestion - grade-2
K 2 C0 3
Toxic by exposure -grade 1
FLUOR
Toxicity by ingestion - grade 1
RECTISOL
PURISOL
Toxicity by ingestion - grade 2
STRETFORD Toxic by exposure -grade 2
Toxic by exposure -grade 2
SELEXOL
1 Private communication (2008)

TLV-TWA
3 ppm
0.46 ppm
3 ppm
not listed
not listed

LD50
l.lto2.5 g/kg(rat)
0.7-2.8 g/kg (rat)
2.6 g/kg (rat)
770 mg/kg(rat)
4.78 g/kg(rat)

not listed
not listed
200ppm
100 ppm
not listed
not listed

1870mg/kg(rat)
29,100 ul/kg (rat);
5 to 15 g/kg(rat)
3600 mg/kg (rat)
730 mg/kg(rat)
4000 mg/kg (Rat)

Exposure limit
6 mg/m3 TWA
15mg/m3TWA
None
None
None
None
None
None
(400 mg/m3) TLV
None
None
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